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Abstract

Overall heat transfer coefficient correlations are given for fluidized bed in which vertical
tubes are immersed. Correlations available in the literature are surveyed and compared on a
consistant basis, Effects of mass flow rate, particle size, solid concentration, solid and fluid
thermophysical properties, immersed tube location, bed pressure and packing materials on heat
transfer coefficients were summarized. In order to understand the fundamental mechanisms of
heat transfer, wall to fluidized bed heat transfer is also reviewed. Those correlations on
overall heat transfer coefficients are evaluated and find that the most appropriate one for
predicting overall heat transfer coefficients between fluidized bed and vertically immersed tubes
is one of Tamarin and Khasanov.
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Introduction

A large fluidized bed boilers for the efficient
production of energy is currently considerable
renewed interest. This necessitates not only
an optimum economic design but also a design
which incorporates the essential features
necessary for gaseous and solid pollutants
control. The development of fluidized bed
boilers for the combustion of sulphur contain-
ing coals has particular promise. The sulphur
dioxide produced during combustion is retained
by anadditive such as dolomite and limestone.
Steam is generated within the boiler tubes
immersed into the fluidized bed. The steam
is used to drive turbines for electric generat-
ion. Consideration has also been given to
using the hot flue gases along with the steam
to drive a combined cycle of steam and gas
turbines.

The heat transfer mechanism is very comp-
licated because of the so many fluidized bed
variables (i.e. particle shape, solids and gas
thermal properties, particle size distribution,
reactor geometry and type of gas distributor)
and the variation in heat transfer tube design
such as shape, spacing, pitch and material.
Correlations were empirically developed on
the basis of the observed data with limited
attention to the mechanisms of heat transfer
process in larboratory scale fluidized beds.
Therefore, the scope of these correlations are
restricted to the data for the specific test
conditions. In this review, the information
that does exist will be examined and evaluated.

1. Wall-to-bed heat transfer

However, before this work is appraised it is
best to review what has been learned about
the fundamental mechanisms of wall-to-bed
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heat transfer and to establish the criteria for
evaluation of correlations for full scale appli-
cation. There are a good number of reviews
of basic studies on fluidized bed heat transfer
1)"‘97.

The significant mechanism for modeling
wall-to-bed heat transfer for vertical walls are
essentially:

1. A fluid film is the principal resistance
to heat transfer, and the moving fluidized
particles scour the film to reduce the resistance
to heat transfer ™2, This model is not
supported by the experirmental work of Van
Heerden et al.'® and of Ziegler and Brazelton
19 They observed that absorption of heat by
the fluidized particles rather than reduction
of the film resistance was the principal mec-
hanism for heat removal at a surface.

9. Heat is absorbed by packets of particles
having a finite residence time on the heater
surface!®. The rate of heat transfer is evalua-
ted by using an effective bed thermal conduc-
tivity obtained from stzady-state measure-
ments. However, data reported by Harakas
and Beatty'®, by Ennst'®, by Botterill et al.
1 and by Gabor'® show that measured heat
transfer coefficients for short solids residence
times are much less than those predicted by
this model. Since the thermal response is
different in the gas and solid phases, transient
heat transfer in a gas-solids bed can not be
treated as heat transfer in a homogeneous
medium as implied by using an effective
thermal conductivity.

The Mickley-Fairbanks model has been mo-
dified by the introduction of a contact resis-
tance 20~#.29  The contact resistance at the
bed-wall interface is attributed to various
effects, e.g. Kubie and Broughton® modeled
voidage variations in the bed near the wall,

and Wunschmann and Schlunden?® considered



the reduced free path of the gas molecules,

3. Heat transfer is modelled by unsteady-
state conduction from the heater surface to a
single particle ?®~2®  and to depts of two
particles '®, four particles?®, and a particle
chain of essentially unlimited length3®,3v,
This type of model analysis is made of the
heat as it transferred to distinct particles
rather than by treating the bulk of the bed
as a homogeneous medium using average bed
properties and an effective thermal conduc-
tivity. Both types of models are based on
heat adsorption by the particles,

The chain-of-particles modelwas simplified
by approximating the gas particle bed by a
series of alternate gas and solid slabs. In this
model the primary resistance to heat flow is
in the gas phase and the solid phase absorbs
heat. Therefore, the heat transfer coefficient
is primarily dependent on the gas thermal
conductivity and the particle heat capacity.

The model based upon a chain of particles
of unlimited length compared well with the
data for both short and long partizlz residence
times obtained by Harakas and Beatty!®,
Botterill et al.’® and Gator.'® The data
included a wide range of particle sizes, particle
heat transfer properties, and gas heat transfer
properties, This chain of partizles model
coincides with the Mickley-Fairban'is model
at long particle residence times.

Thesz basic studies on wall-to-bed h=at
transfer provide criteria for evaluating en pi-
rically derived heat transfer correlations for
tubes in fluidized beds. The significant points
are as follow;

a) The principal mode of heat removal is
by fluidized solids heat adsorption. Particle
volumetric heat capacities are of the order of
1,000 times those of gases3?. In that sense,

a generalized heat transfer correlation must
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contain a p;C,s term(Volumetric heat capacity
of the particle). The p/C,r term can be
neglected in the analysis of gas-solids systems.

b) The rate of heat transfer depends on the
The factors which
affect the particle residence time must be
considered. For gas fluidized beds the residence

times are dependent on the bubble mechanics

particle residence time,

39,30 as well as the particle drag forces.®
The particle movement is caused by the rising
bukbles, and during the period in which a
gas bubble resides on the heat transfer surface
heat transfer to the bed is negligible. The
two-phase theory for gas fluidized beds assu-
mes that all gas in excess of that required
for minimum fluidization forms bubbles.?® Of
course the particle residence time will depend
upon internal geometry such as tube size,
shape and orientation.

¢) Heat is conducted from the wall and
between the adsorbing particles through the
interstitial gas phase. There is negligible
conduction through the particle contact points
#6) Therefore, a generalized correlation must
contain the gas thermal conductivity, %y

With the above three significant points, a
generalized correlation should account for at
least a) bublkle characteristics, b) the system
geomerry c) particle drag forces,

It must be additionally noted that the
presence of internal heat transfer surfaces
will affect the quality of fluidization. The
effect of the heat transfer tubes on ths flui-
dization properties must carefully considered
Tube bundles, both

play an important

in design optimization.
vertical and horizontal,
roll to break up bubbles and limit bublle size.
The reaction efficiency of fluidized hed is
very much dependent upon the amount of gas
by-passing associated with the rising Fubbles.

The gas flow patterns for isolated undisturbed
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bubbles in a fluidized bed have been very
nicely analysed both empirically and theore-
the baffling caused by
reactor internals greatly changes thisanalysis.

tically.®*” However,

Properties such as bed expansion, particle
mixing, elutriation, and entrainment are
directly related to the bed bubbling characte-
ristice. It has been known as small bubbles
will have a lower rise velocity. Therefore,
heat transfer tubes within the bed will causes
a greater bed expansion and lower particle
mixing rates than for a fluidized ted without
internals. Fine particles leave the bed when
the bubbles burst at the surface. Smaller
bubbles will burst less violently and result in
lower elutriation rates,® ™

It is therefore important in the design of
heat transfer tube bundles to optimize the
overall reacton performance. For instance,
wide spacing of the tubes will promote in-
creassed solids mixing and higher heat transter
coefiicients at each tube surface but conversely
gas-solids contacting will decrease because of
decreased bubble dispersion and elutriation

loss=3 will increase.

II. Vertical tube-to-bed heat transfer

Heta transfer coefficients at immersed hori-
zontal suriaces are lower than for vertical-
surfaces. Also, vertical tube inserts in reactors
of large height-to-diameter ratios not only
increase the heat transfer surfaces but also
reduces slugging. For these reasons, there is
a preference for vertical heat exchanging
surfaces. Therefore, a knowledge of the heat
transfer characteristics of fluidized bed with
vertically immersed surfaces is of practical
importance to the design of industrial chemi-
cal reactors.

A) Local Heat Transfer Coefficients
A knowledge of local heat transfer coeffi-
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cients is needed to design the detailed confi-
guration of heating or coolirg tubes in a
fluidizer bed reactor.

The distribution of local heat transfer
coefficient along the length of a vertical
cylinder on a copper ball immersed in a
fluidized bed was determined by Eerg et al.*?
The difference between maximum and mini-
mum value of 4., was in general, at least
£0%. In many cases this difference was twg
on three times as large. There was no
appreciable variation in /.. at various heights
from the distributor. At the same fluidizing
conditions, the maximum of Z%.. were more
pronounced in the bed of coarse particles
than that of fine particles.

Local heat transfer coefficients for a single
tube in the presence of other tubes were
obtained in four tube positions by Noe and
Knudsen.*? The pattern of the local heat
transfer coefficients on the tube was similar
to that indicated by the bed density variation.

Genetti and Knudsen 42
heat transfer from an internal vertical tube

in a bundle of tubes to a dilute phase fluidized

investigated local

bed for both batch and solids recycle systems.
From measurement of axial and radial tem-
perature profiles, the thermal gradients in
the bed were found to be small. Therefore,
the coefficients for a fluidized heat exchanger
with all the tubes in the bundle heated would
not differ substantially from the coefficients
for an exchanger with only one tube in the
bundle heated.

Mickley et al.®® determined the local time
average heat transfer coefficient, from a ver-
tical tube immersed in a fluidized bed.

Mickley and Fairbanks'® proposed a packet
model on the assumption that the heat trans-
fer process in controlled by wunsteady-state

conduction from the surface to a packet in



contact with it, it following instantaneous
local heat transfer coefficient was proposed:

=L O ot
hsz— v,—y? '\/km Om CPM T

‘The local time average heat transfer coeffic-

ient, /.1, will be

hur=—— Jn pn Com j;c‘%(z) dr

VT

The heat transfer ratz between the surface

and the gas when no packet is in contact

with the surface is negligible.

On the basis of the above few investiga-
tions, the following summaries can be made
on local heat transfer for vertical tubes:

1) For a single vertical tube, the maximum
of heat transfer cosfficients are more pro-
nounced in the bed of coarss particles than
that of fine particles at the same fluidizing
conditions.

2) There is no appreciable variation in heat
transfer coefficient for a small thermal
probe immersed in the bed at various heights
from the distributor, therefore, the length
of the heated tube affects the values of
local heat transfer cosfficients.

%) For a bundle of vertical tubes, lowest local
coefficients in the dense phass are, generally,
obsarved at the center location and highest
values are obssrved at the tube locations
near the wall.

B) Overall Heat Transfer Coefficients

Most of the experimental studies!9:#9~49,
81,68 have dealt with single heated on cooled
tube immersed in a fluidized bed in order to
determine overall heat transfer coefficients.
In contrast, not much experimental works*"»
42,69 ~6D performed for determing overall heat
transfer coefficients between bundle of vertical
tubes and a fluidized bed.

The published expzrimental correlations and

wvariables for overall heat transfer coefficients

89

were summarized in Table 1. From which
the effect of each experimental and physical
properties on the coefficients could be analy-

sed and evaluated.
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Figure 1. Heat Transfer from Bundles of Vertical
Tubes

a) Effect of Mass Flow Rate, Particle Size
and Solid Concentration

In general, an increase in fluid velocity
above #ns resulted in an initial rapid rise in
overall heat transfer coefficient, /., followed
by a more gradual rate of increase until a
maximum value for the coefficient was
reached. Further increase in fluid velocities,
the coefficients start to decrease due to the
decrease of solid concentration in {luidized
bed (Figure 1). The rise is one to two order
of magniture with fluidization by gas and
by factor of two to four with fluidization by
liquid.

The presence of particles, the coefficients
were from three to seventy times greater
than that at the same gas flow rates in the
absence of particles. This increased heat
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transfer rate may be due to the heat transport
by the solids from hot to the cold region in
the gas phase,

From the published investigations 13,42,44,
45) ,47),49) ,50),65) ,67) and the Table 1,

universally concluded that the coefficients

it may

decreased with particle size at a given flui-
dized bed and heater and the same gas and
Mickley
and Trilling ¢ found that %,ocd, 06, Baerg
et al.*® found that A.o<d, °? and Miller and
Logwinuk ” found that Awocd 0%, The usual
explanation for this effects is due to the

solid characteristics. For instance,

decrease of gas film thickness which offers
appreciable resistance to the conduction of
Another
explanation has been given by Mickley and

heat between solids and heater.

Fairbanks'® is that the particle size effect
is one of bed motion, i.e. beds of smaller
particles circulate fresh solid to contacting
walls more rapidely at given gas flow rate.
The rounded and smoother particles pro-
nounced somewhat higher 7%, values than
that of coarser particles.®

Since solid concentration could be changed
with mass flowrate, it may not be an inde-
effect
coefficient. However,

pendent on overall heat transfer
Mickley and Trilling
44 found that A.ocpn®*®, and Mickley and
Fairbanks'® found that /»ocp.®?. In contrast,
Wender and Cooper®® found that the heat
transfer coefficient varied as the 1.0 power
of solid concentration. Same trend was also
found by Chernov et al.®® It may imply that
dense phase material in contact with the
average fraction of the heated surface is
directly proportional to the solid concentrat-
ion.

b) Effect of the Thermophysical Properties
of Solids and Fluid.

The thermal fluid conductivity, k¢, has the

93

greatest influence on heat transfer ¢7,39:5%,
561,592,600 The heat transfer coefficients varied
as the 0.5 to 2.4 power of kr. The increase
of 4w with fluidized bed temperature largely
resulted from the increase of kr with bed
temperature and not just from increased
thermal radiation. '

The specific heat of solids. Cps, has posi-
tive effect on heat transfer. The heat trans-
fer coefficients increased wirth C,s as the 0.5
to 1.0 power of Cps!1?»19:59.68,

The thermal conductivity of solids, &, has
practically very little effect on 2,** 7. The
thermal conductivity of aluminum was 700
times larger than that of glass yet noincrease
in heat transfer was observed in the beds of
aluminum particles.®

The effect of fluid specific heat, C,r oOn
heat transfer are more coniradictory. The
volumetric heat capacity of solids are three
orders of magnitude greated than that of
fulid at moderate pressures. Therefore, the
volumetric heat capacity of fluid, C.rpr, can
not play an important role for heat transfer
in gas-solids systems.

¢) Effect of the tube locatisn in the bed

The effect of tube locaticn on /.
a vertical tube at three Ilocations (N~200
mm) has been studied by Vresdenberg®®. It

using

has been found that there is a significant
increase in 4, on nearing the center line of
the bed and some reduction in /., at the
center line. His data is shown in Figure 2.
The ratio of %u/Awaxia1 was designated as a
correction factor C. for nonszxial tube locat-
ion. The low value of C, in the axis position
may be due to the highest number of air
bubbles in the center of the hed. The decrease
of the coefficient as the distance increased
from 100 to 200 mm may be caused by the

wall effect. Wender and Cooper’® used the

HWAHAK KONGHAK Vol. 17, No. 2, April 1979
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correction factor for nonaxial tube location
in their correlation for %.. In contrast, Genetti
and Knudsen*? claimed that 4, did not vary
appreciably with tuke location. The effect of
tube location on %. was a function of mass
fluidizing air velocity. At low mass velocity
(G<3418 kg/hr m?), it appeared that the tube
location would significantly affected ..
However, at higher mass velocities (G>>4883
kg/hr m?) the tube location affected /. only
slightly.

! |
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Figure 2. Correction for Nonaxial Locaticn

d) Effect of Red Pressure

The effect of pressure on heat transfer
was investigated by Shlapkova®®. The maxi-
mum heat transfer coefficient increased with
increse from low to atomospheric pressure.
Starting at a pressure of 4000 N/m? and up
to atomospheric pressure, the heat transfer
coefficient remained practically constant. The
same effect was also oktserved by Mickley
and Fairbanks!®’. Increasing gas pressure from
101.3 10 15117 KN,/m? had no noticeable effect
on heat transfer when the gas velocity was

st HITE M 23 19799 48

maintained constant. Vreedenberg®® also
observed same effect of bed pressureon h..
e) Effect of Packing Materials
Chernov et al.® measured heat transfer
coefficient from a vertical heated tube to a
fluidized bed containing cylindrical helical
heat

increased smoothly with increase in air flui-

packing. The transfer coefficient
dizing velocity (#/#nr=0 to 8) for fluidized
bed with packing. For air velocities, 2/u.¢>>4,
the value of 4. in the beds with packing
were larger than the Awmax for the hed
without packing. Thus the results indicated
that the presence of the wire packing did not
impair the intensification of the heat transfer
rate over a certain range of velocities. It was
found that packing size should not exceed
the particle size by at least two order of
magnitude so that the solid particles are
mobile. Packing caused complete or partial
disruption of the densification zone and wake
and prevented coalescence.

The effect of four kinds of small packing
on heat transfer has been studied by Tamarin
et al.®® Tamarin and Khasanové® further
studied the effect of eight different kinds of
packing on heat transfer. They found that
maximum heat transfer in a packed bed was
attained at higher velocities than that in a
bed without packing. The /7w max differed
from one kind of packing to another. The
the bed

volume per unit of packing surface area.

decreased with decreasing

hu‘mz\x

Evalaution of correlations

In order to evaluate what correlation would
be the most suitable one to predict overall
heat transfer coefficients of vertically im-
mersed tubes in a fluidized bed, eight publis-

hed correlations #4:452,47,49),500,58),600,65) were



examined with same experimental variables
6  The correlations of Baerg et al.*® and
Toomey and Johnstone*® were excluded since
their correlations account only particle size
effect. The mean value of the heat transfer
coefficient was taken from the published
correlations with the same experimental
variables and computed standard deviation
from the mean of 4.

In general, the correlations of several in-
vestigatorst®:30,69  predict 4, values with
reasonable accuracy at the given conditions.
However, the correlation of Gakort!® was
deviated about 86% from the mean in the /.
range of 50~333 g/m?sec°C. It is not a surp-
rising finding since the operating gas velocities
less than requal to that required for minimum
fluidization.

The correlation of Mickley and Trilling*®
consists of solid concentration and particle
size terms but did not account bed geometric
effect. However, their correlation predict /4.
values with standard deviation of 21% in the
kv range of 14~150 g/m?sec°C.

Werder and Cooper’® correlated data for
vertical tutes and similar transfer surfaces
reported by Mickley and Fairbanks', Mickley
and Trilling*”, Baerg et al.¥®, Toomey and
Johrnstone*® and Olin ard Dean’? ard Kellog
built commercial fluid-hydroformer-catalyst-
regenerator Led coolers. Their correlation
showed rather high deviation in the %, range
of 56.8~700 g/m?sec°C.
standard deviation was only 209

In contrast, the
in the %
range of 700~1100 g/m?sec°C. It may imply
that their correlation can be utilized in the
higher range of heat transfer coefficients.
As shown in Table 1, Vreedenberg®® pro-
posed four correlations which were derived
from the data of 11 investigators !19:44,45,4D,

8,509 Two were for fine and light par-
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ticles where the viscous force on the particle
are predominant in which an analogy between
the fluidized bed and a flowing fluid was
assumed, and the other two were for coarse
and heavier particles where inertia effects
prevail. In his correlations, the important
term, p;C,s, which represents the principal
mode of heat removal is neglected. As can be
seen the correlations accounts many experi-
with bed
geometric properties. However, the

mental and operating variables
correla-
tions produced rather high standard deviation
(—83~150%). The deviation increassd with
hw values below 500 g/m2sec®C and higher
than 3, 300 g/m?sec®C. Therefore, correlations
can not be recommended for general uss to
calculate heat transfer coefficients.

The heat transfer coefficient data between
vertical tubes and a fluidized bed with fixed
packing were reported by Tamarin and Kha-
sanov®’, Tamarin et al.’® and Khasanov et
al.®?. As shown in Table 1 the correlation of
Tamarin ard Khasanov®® consists of Archi-
medes number, particle size and [ is free bed
volume to immersed tube or packing surface
ratio terms. Therefore, this correlation acco-
unt bed geometric effect inside the bed. The
correlation predict k., values with compara-
tively small standard deviation namely 209%
at given test conditions(d,=23—880 pm, ps=
1800—8¢06 kg/m®,  p,=1.30—7.77 kg/m* and
22 =0. 0C00105—0. 000038 kg/m sec). Since this
correlation has a smallest standard dsviation
among the tested correlations in this study,
the correlation and Khasanov® can be re-
commeded for general use for calculating %.
values for vertical tubes immersed ina flui-
dized bed reactor.

HWAHAK KONGHAK Vol. 17, No. 2, April 1979
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Conclusions

From the reviews on overall heat transfer
coefficients of vertically immersed tubes in a
fluidized bed, the following conclusions can
be drawn:

1) In general, overall heat transfer coefficients
increased with solid concentration, thermal
conductivity of fluid and solid, specific heat
of solid, density of solid, mass flow rate
and equivalent diameter of annulus of
fluidized bed and decreased with particle
size, specific heat of fluid, viscosity of
fluid and density of fluid. However, the
effect of mass flow rate was mainly depen-
dent on the range of mass flow rate and
of thermal cenductivity of solid had minor
effects on overall heat transfer coefficients.

2) The most appropriate design correlation
for vertical tubes immersed in a fluidized
bed can be recommended by this study is
one of Tamarin and Khasanov®® as shown;

d 3 05— 0425
he=0. 32 £~ —”-}—fﬂ—}
() )
/ dp

3) In the bundle of heat transfer tubes, the
tube
velocity. The tube location would signifi-

location was a function of mass
cantly affecte heat transfer cqefficients at
low mass velocity. However, dt high mass
velocities, the tube location affecte 4w only
slightly.
4) The bed pressure had minogr effect on
overall heat transfer coefficients at given
mass flow rate.

Nomenclatures

C,¢ spezcific heat of fluid at constant pressure
Cpn heat capacity of fluidized splid

Zhat3 e MI17E M 2 & 1979 48

Cps specific heat of solid

C, correction for non-axial tube location for
cases of internal heat transfer surface

dy average diameter of particle

Dy diameter of fluidized bed

D, diameter of the immersed tube

g accerleration of gravity

G mass flow rate at fluidizing condition

Gnr mass flow rate at minimum fluidization
condition

ke  heat transfer coefficient in the empty
tube

hw overall heat transfer coefficient

huiaxiar Overall heat transfer coefficient at

axial position in the bed

hw:r instantaneous local heat transfer coeffic-
ient

kor local heat transfer coefficient

hu,max maximum overall heat transfer coeffic-

ient

ke  effective thermal conductivity for zero
gas flow

ks thermal conductivity of fluid

kw thermal conductivity of quiescent bed

ks  thermal conductivity of solid

K, Knudson number

l free bed volume to immersed tube or
packing surface ratio

Luz  heater length

r, radial coordirate

R, contact thermal resistance

s stirring factor

u superficial gas velccity at fluidizing
condition

wunr superficial velocity at minimum fluidiz-
ing condition e

.

Ve average linear Supejﬁmal velocity
Greek Symbols

€ void fraction at fluidizing condition

ems void fraction of minimum fluidizing

condition



w

o

10.

1

viscosity of fluidizing gas

fluid density

solid concentration in fluidizing mixture
solid density

average residence time of solid particles
sphericity of particle

a coefficient for bubble pass through a
given point

kinematic viscosity

kinematic viscosity at minimum fluidiz-
ing condition
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