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Abstract — A two-phase mass transfer model has been developed to predict the polymer molecular weight for
the semibatch melt polymerization process of polycarbonate, in which the reaction melt viscosity is high and the
mass transfer of volatile by-product is the rate-controlling step. The model simulation results have been compared
with the experimental data reported in the published literature regarding the number average molecular weight and
the reaction product composition. The mass transfer coefficient for phenol [(k,a)p] in the melt polymerization pro-

cess of polycarbonate has been estimated.
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INTRODUCTION

In a reversible polycondensation process, volatile condensa-
tion by-products are removed from the reaction medium by
means of a vacuum applied to facilitate a forward chain growth
reaction and thus to obtain high molecular weight of polymer.
As the reaction proceeds the viscosity of the reaction medium
increases significantly, making the removal of by-product diffi-
cult. In the melt polycondensation of diphenyl carbonate (DPC)
with bisphenol-A (BPA) to produce polycarbonate, volatile reac-
tion by-products (phenol) form bubbles in the melt phase and
pass through the melt phase to a reactor head space. As phenol
is produced by the reaction, it diffuses to the liquid-gas inter-
face. The gas phase may consist of bubbles of phenol vapor
and reactor head space. In the earlier stage of melt polyconden-
sation of BPA and DPC, the reaction mass resembles a boiling
liquid and the reaction mixture can be well mixed. Then phenol
produced by the reaction is fully exposed to vapor phase in this
stage of reaction. Therefore, the whole liquid phase can be as-
sumed to be at equilibrium with a vapor phase in the beginning
of the melt polycondensation reaction, in which the reaction pro-
cess is kinetically controlled. Kim and Choi [1993] presented
a vapor-liquid equilibrium model to explain the experimental
data for the multistage polycondensation of BPA and DPC to
polycarbonate. They used the flash calculation method to esti-
mate the compositions and the evaporation rates of volatiles in
the vapor and liquid phase. However, if phenol gas bubbles are
formed in the later stage of polycondensation, there will be a
certain interfacial mass transfer resistance, and the overall pro-
cess becomes mass transfer controlled.

Rafler et al. [1985], who proposed a four parameter reaction-
mass transport model for the melt polycondensation of poly-
ethylene terephthalate (PET), estimated mass transfer coeffici-
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ents of volatile species for varying reaction conditions. They
also reported several interesting facts concerning the mass trans-
fer process. First, a swarm of stable bubbles is formed in the
stirred reactor and the total mass transfer area increases con-
siderably. Second, the interfacial mass transfer area depends
on the reactivity of the reactants (e.g., a type of the catalyst
used). Third, the effective mass transfer coefficient decreases
with increasing reactor pressure. Lastly, the proposed four-para-
meter model satisfactorily explains the experimental data. Lau-
briet et al. [1991] proposed a two phase mass transfer model
to quantify the effect of the mass transfer process on the per-
formance of a continuous final stage melt PET reactor. In the
modeling of a screw-type finishing polycondensation reactor
for PET, they found that the mass transfer limitations affect
the polymer molecular weight and the concentrations of end
groups and side products. They also stated that a rational way
of estimating the mass transfer parameter for various reactor
configurations and operating conditions, such as shaft rota-
tional speed, melt viscosity, melt hold-up, and agitator geome-
try, should be developed.

The mass transfer process is represented by the model us-
ing a volumetric mass transfer coefficient, which is the prod-
uct (i.e., k;a) of the mass transfer coefficient, k;, and the in-
terfacial area per unit volume, a. There have also been many
attempts to correlate the parameter of k;a with physicochemical
properties of the system (viscosity, surface tension, density, and
diffusivity) and reactor operating parameters (impeller diameter,
impeller speed and agitation power input) [e.g., Kawase and
Moo-Young, 1988; Chaudhari et al., 1987]. Ramachandran and
Chaudhari [1983] compiled many empirical correlations for
the gas-liquid volumetric mass transfer coefficient (k;a). There
are several reports on the measurement of volumetric mass
transfer coefficients by utilizing a dynamic physical absorption
technique. Ledakowicz et al. [1984] proposed an isochoric meth-
od to measure k;a in a stirred autoclave reactor, in which a pres-
sure drop is monitored under the constant volume condition.
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They claimed that for accurate data to be obtained, the whole
autoclave reactor system including the connecting lines must
be kept at the same temperature.

Rafler et al. [1985] reported the values of mass transfer co-
efficients (k;) and specific contact surface area (a) in the melt
polycondensation of PET by using a four-parameter reaction-
mass transport model. In a stirred reactor of 3.6 liter size, a typ-
ical value of k,a is 6.1x 107 % sec™" at 280°C and 0.45 mmHg.
Ravindranath and Mashelkar [1982] also reported the value of
k;a for a turbine-agitated PET reactor with the degree of polym-
erization of 30 to be about 1.0X 107 sec™".

In this paper, a two phase mass transfer model using the volu-
metric mass transfer coefficient (k,a) has been applied to the
multistage of polycondensation of BPA and DPC to produce
polycarbonate. The value of k;a for each semibatch reaction
stage is estimated based on the experimental data. Also model
predictions for the multistage melt polycarbonate polymerization
process predicted by both vapor-liquid equilibrium model and
two phase mass transfer model are compared to each other.

MODEL DEVELOPMENT

There is no mass transfer resistance across the vapor-liquid
interface at the beginning of the melt polymerization process, in
which the condensation by-products (e.g., phenol) are produced
in large quantity and they leave the liquid phase in large bub-
bles. The liquid viscosity is not high in this stage. However, as
the liquid viscosity increases with conversion, the rate of phenol
removal becomes a rate-controlling process. A two phase mass
transfer model would be more appropriate in describing the
later stage of the melt polymerization process at relatively high
conversion.

A mass transfer rate of the volatiles from the liquid phase
to the vapor phase is described via an effective mass transfer
coefficient (k;) and the specific interfacial contact area (a; cm’/
cm®). The parameter a can be interpreted as a characteristic of
a given reactor geometry and the melt flow distribution pat-
tern in the reactor. As the number of bubbles in the liquid phase
increases, it will contribute to an increase of the specific inter-
facial contact area.

The following assumptions have been made throughout the
modeling of mass transfer process.

(1)Reaction (i.e., polymerization) occurs only in the liquid
phase.

(2) The composition in the bulk liquid phase is uniform.

(3) Mass transfer of the volatiles at the gas-liquid interface
is based on the two film model [Sherwood et al,, 1975].

(4) Mass transfer resistance in the vapor film side of the in-
terface is negligible.

(5) Only phenol and DPC vaporize during the reaction; how-
ever, BPA and polymer do not vaporize.

(6) Phenol is completely distilled off. The partial amount of
DPC evaporated is refluxed back to the liquid phase. The rec-
tification efficiency factor (¢) is introduced to quantify the par-
tial loss of DPC.

(7) The interfacial concentrations of the volatiles are deter-
mined by the Flory-Huggins equation [Prausnitz, 1969].
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(8) The ratio of the mass transfer coefficient of DPC to that
of phenol is proportional to the ratio of the saturated vapor
pressure of DPC (Pg, ) to that of phenol (Py) at given tem-
perature. Therefore, the volumetric mass transfer coefficient of
DPC [(ka)s,] is determined by that of phenol [(k;a)¢] given,
ie.,

P
(k; 25, = (k; 2)p —P— (1)

Fig. 1 shows the difference between the two-phase mass
transfer model and the vapor-liquid equilibrium model in the
gas-liquid interface. If the mass transfer coefficient of volatile
species is sufficiently large [which is a large value of (k;a)], no
concentration gradient of the species is developed in the liquid
film. Therefore, a two-phase mass transfer model approaches
a vapor-liquid equilibrium model when a vigorous mass transfer
of volatile species occurs.

The melt polycondensation of BPA and DPC is represented
by the following sequence of reactions [Kim et al., 1992]:

k

Ar+Bn 2@ C,puy +P n,m>0
WKa
k

Bi+Cn = B,,+P  n>0, m>1
KK
3

An+Cn = A, +P 1n>0, m>1
KK
K

Co+Cn = Cpp+P  nm>1
K/Kx

where P is phenol and the three polymeric species (A,, B,,
and C,) are defined as follows:

ay = 4&@4@"%@_}_@
= Q“Jf&@_|_@£+@
6= NJ[&@_H}“]L&@

Mass balances for the semibatch melt polycondensation of
BPA and DPC based on the two phase mass transfer model
are presented as follows:

Liquid Phase

d[ﬁ"]?@%w" ®
d l;:o] — @%"; +Ry, — (1= ¢} 2)p, (Bl - [B])  (3)
A B L R, - 2y @@1- 1) @)
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%bm_\;]t_‘t’m& (=1) ©)
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Fig. 1. Graphical representation of two process models in the
gas-liquid interface for the polycarbonate melt polym-
erization process.
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where R; is the reaction rate for each component represented
as follows:

Ry, =~2KIAH2(Bl + X (2[B]+[C D}

+K[PIZ (A +[C1]) ©
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Vapor Phase

d[B,]”

% = Vlg‘ [[BU]V %\ti + V(k, ), ([Bo] - [Bo]") ~ O [Bolv]
(14)

L Vo LY G Ve @1- ) -0y | (15)

The volume change of the liquid phase is expressed as
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ar =—({1-9k a)B,, ([Bo] - [Bo]*)V‘A’B,,
- (k, )p ([P] - [P]*)VVp (16)

In mass balances for liquid and vapor phase, [-] is the molar
concentrations, [-]" the equilibrium concentration at the gas-lig-
uid interface f\md Q, t,l\lc volumetric flow rate of vapor from
the reactor. v, and v, are the molar volume of DPC and
phenol in the liquid phase. The superscript V denotes the va-
por phase and V, the vapor phase volume.

In the development of the two-phase mass transfer model,
it is assumed that the reaction temperature is constant and the
reactor pressure (p,) is also kept constant. Since the ideal gas
law is assumed for the vapor phase, the following equation
holds :

dv
t

L1 +[BJ") =0 (7
Then, from Egs. (14) and (15) we obtain
(P +[Bo) g + Vi ) (P1~ [PT)
+ V(i 2)g, ([Bo] = [Bol") — Q- ([P]" +[By]") =0 (18)
Note that ([P]'+[B,]")=p./RT. Using Egs. (16) and (18), we can

obtain the following expression for the volumetric vapor flow
rate from the reactor to the distillation column :

Q, =V(, a)x,, ([Bo] - [Bo]*){% -(1- ¢)‘A’B,,:|
VK, a)p([P]—[Pr)[‘—f,,I —op} (19)

The average molecular weights of polymer (K/I—,, & _1\_/[—w) are
computed by using the following molecular weight moment
equations.

Max= E0An Ay =SBy Ay = Z1¢Cy (20)
R R .
Aiidio

ZI(A,, wy +Bawg +Cawe ) S
n= 1

Mn = oy = S (22)
3 (Ar+ Bo+ Cy) 0
_ Sil(A,.wA{ FBawi+Cowd)
M, = — = S_2 (23)
2—:1(A" Wy, +Bawp +Cawe ) 1
where

So=Ay+ Mg+ Ac,
S, =(2543) Ay, +Ag, +Ac) +(228.29)4, +(214.22)A,
+(94.11)A,

S, = (254.3)(hy, + Ag, +Ac) +(2)(254.3)[(228.29)A,,
+(214.22)h +(94.11)Ac, ] + (2142225 +(94.11)2.,
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W, =(254.3)n+228.29; wjy =(254.3)n +214.22;
we, =(254.3)n +94.11

The forward and reverse reaction rate constants (k & k') used
in this model are the effective rate constants in which the cat-
alyst concentration effect is incorporated, ie., k=k-(N'/V), k'=
k'-(N/V) where N" is the number of moles of catalyst added.
The kinetic parameters for k and k' were reported by Kim
et al. [1992].

The total number of moles of DPC (n3,) and phenol (n5)
being removed from the reactor is calculated from the follow-
ing equations :

dn§

— = (- 90 (B @4
dnf v
o @5)

The interfacial equilibrium concentrations of volatile species
are calculated by using the Flory-Huggins equation. The par-
tial pressure of the volatile species j in the vapor phase is
expressed as

P =Pty; =Y;PiX; (26)

where y; and x; are the mole fractions of component j in the
vapor phase and the liquid phase, respectively, ¥ the activity
coefficient, p} the saturated vapor pressure and p, the reactor
pressure.

Assuming that the ratio of molar volumes of polymers to
volatiles in the liquid phase is much larger than 1.0 (m>>1)
and that the concentrations of volatiles are very low [(1- @)
— 1], we can reduce the Flory-Huggins equation to the fol-
lowing form [Ravindranath and Mashelkar, 1982]:

y; =(Vm;)exp(1 + x;) 27)

where ; is the polymer-solvent interaction parameter. The vol-
ume fraction of component j in the liquid phase (&) can be
approximately expressed as

X,
D, = m—]’ (28)

Then, the partial pressure of phenol in the vapor phase can
be expressed as

n

Pvp
A%

Pr =Pryp =DB exp(l + %)

=pg[P]"Vp exp(1 + %) 29)

where P represents the number of moles of phenol in the liquid
phase and [P]' the equilibrium molar concentration of phenol at
the vapor-liquid interface. Since the ideal gas law is assumed,
the equilibrium interfacial concentrations of phenol and DPC
are given as

RT
P’:-—A————PV 30
1F] p8vp exr)(1+xp)[] (30)

RT
BJ'=—————[By)” 31)
[Bol pb’an“eXp(Hxan)[ o (

Here y» for phenol is 0.73 and xs, for DPC is 0.39.

RESULTS AND DISCUSSION

The two phase mass transfer model requires two unknown
parameters [i.e., ¢ and (k;a)s] to be estimated. The reflux effi-
ciency factor (¢) for DPC was introduced to account for the
imperfect distillation efficiency. A value of 1.0 for ¢ means
that DPC vaporized from the reaction mixture is perfectly re-
fluxed back to the reactor and there is no evaporative loss.

To evaluate the applicability of the two-phase mass transfer
model to the description of the semibatch transesterification
process, the experimental data for the five stage semibatch melt
polymerization experiments presented by Kim and Choi [1993]
have been utilized in this study and compared with the model
predictions. The reflux efficiency factor (¢) estimated by Kim
and Choi [1993] was also used in the mass transfer model
simulations. Therefore, in the two-phase mass transfer model,
the only parameter to be estimated is the mass transfer coeffi-
cient of phenol [(k;a)s]. In the batch transesterification stage (i.
e., Stages 1 & 2), the mass transfer of volatile species from
the liquid to the vapor phase was assumed to be negligible.
Table 1 and Table 2 show the reaction conditions and the es-
timated values of ¢ and (k;a), in each reaction stage of the
multistage polycarbonate melt polymerization process for two sep-
arate polymerization experiments (i.e., Run-I & Run-II). Stage-1
and stage-2 are the batch reaction stages pressurized slightly at 2
atm of N, gas; however, stage-3, stage-4, and stage-5 are the
semibatch reaction stages operated below the atmospheric pres-
sure.

A standard optimal parameter estimation technique (Rosen-
brock's direct search method) [Rosenbrock, 1960] was used to
estimate the optimal value of (k;a), by minimizing the differ-

Table 1. The reaction conditions and estimated values of ¢ and (k;a), for Run-1

Stage no. Rxn. time (min) Temp. ("C) Press. (mmHg) o (kya)p (min ")
1 0-120 180 1480 -~ -
2 120-153 180 — 250 1480 - -
3 153-273 250 150 (1 hr) 0.3 10.0
50 (1 hr) 0.3 10.0
4 273-298 250 — 280 50 0.3 25
5 298-358 280 10 0 2.5
Amount of catalyst (LiOH -H,0) added 4.198 times 10~ mol
Initial number of moles of BPA 1.15 mol
Initial molar ratio of DPC to BPA 1.22
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Table 2. The reaction conditions and estimated values of ¢ and (k;a), for Run-II

Stage no. Rxn. time (min) Temp. (°C) Press. (mmHg) ¢ (k,a)p (min~")
1 0-120 230 1480 — —
2 120-142 230 — 250 1480 — —
3 142-262 250 150 (1 hr) 0.61 13.7
50 (1 hr) 0.61 13.7
4 262-297 250 — 280 50 0.61 3.1
5 297-357 280 10 0 3.1
Amount of catalyst used in the reaction 4.205% 10"’mol
Initial number of moles of BPA 1.31 mol
Initial molar ratio of DPC to BPA 1.07

ences between the experimental polymer molecular weight (i.
e., number average molecular weight, M,) data and the model
predictions for each stage. In this study, it was also assumed
that the mass transfer coefficients for phenol in stages 4 and
5 were identical, that is, (k;a)p.=(k;a)ps. The estimated mass
transfer coefficients for phenol in stage-3 and stage-4 are 10.0
min~' and 2.5 min~"' for Run-I and 13.7 min~" and 3.1 min "
for Run-II, which have never been reported in the open litera-
ture. The reaction rate constant value based on the reaction
condition for stage-3 of Run-I is 9.0 //mol -min, and hence
it shows that the polymerization is kinetically controlled up
to stage-3 and after that it is mass transfer controlled.

Fig. 2 represents the comparison of M, profiles predicted
by the two-phase mass transfer model (MTR) and the vapor-
liquid equilibrium model (VLE) along with the experimental
observations (@ symbols) for Run-I. It shows that MTR gives
reasonable predictions of M, over the entire stages with some
deviations in the final stage. The M, data observed in the final
stage are closer to the MTR prediction than the VLE predic-
tion. It should be noted that there was only one measurement
in the final stage (Stage 5) of Run-I. Because the objective of
the optimal parameter estimation procedure was to minimize the
difference between the model prediction and the experimental
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Fig. 2. Comparison of the number average polymer molecular
weight profiles predicted by the two phase mass transfer
model (MTR) and the vapor-liquid equilibrium model
(VLE) along with the experimental observations (@ sym-
bols) for Run-I; Only the semibatch reaction stage has
been presented.
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Fig. 3. Comparison of the reaction product composition pro-
files predicted by the two phase mass transfer model
and the experimental observations for Run-I; Only
the semibatch reaction stage has been presented.

data, a lack of data from 298 min to 358 min could have caus-
ed a poor estimation of the (k;a), value. Polymer molecular
weight profiles predicted by two models are almost superim-
posed up to stage-3 ; however, the two profiles deviate from
each other after that.

Fig. 3 shows the reaction product composition profiles, ex-
perimental data (symbols) and two phase mass transfer model
predictions (lines) for Run-I. Note that the agreement between
the experimental data and the model predictions for concen-
trations (i.e., wt%) of oligomer, DPC, BPA, and phenol in stage-
3 to stage-5 (semibatch reaction stage) is very good.

Fig. 4 and Fig. 5 represent M, and the reaction product com-
position profiles (wt%) for Run-1I, respectively. Model predic-
tions for the reaction product composition are based on MTR.
There is also good agreement between the experimental ob-
servations and the MTR predictions for M,.

Fig. 6 shows the comparison of the two model predictions
for the composition profiles of oligomer and phenol for Run-
I, in which the two models are MTR and VLE. The applica-
bility of MTR as well as VLE for the prediction of the oli-
gomer and phenol compositions is established. All the profiles
presented in this study (Fig. 2 to Fig. 6) show that MTR well
predicts M, and the reaction product composition for the poly-

carbonate melt polymerization process operated in the semibatch
fashion.

Korean J. Chem. Eng.(Vol. 15, No. 6)
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Fig. 4. Comparison of the number average polymer molecular
weight profiles predicted by the two phase mass transfer
model (MTR) and the vapor-liquid equilibrium model
(VLE) along with the experimental observations (® sym-
bols) for Run-II; Only the semibatch reaction stage has
been presented.
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Fig. 5. Comparison of the reaction product composition profiles
predicted by the two phase mass transfer model and the

experimental observations for Run-II; Only the semi-
batch reaction stage has been presented.

Note that MTR has been presented in order to theoretically
predict the semibatch polycarbonate melt polymerization pro-
cess, which is operated in the mass transfer controlling state.
There have been some discrepancies between the two models
in the M, predictions for the later stages of the multistage melt
polymerization process of polycarbonate (stage-3 to stage-5), in
which it is believed that a mass transfer of phenol from the
liquid phase to the vapor phase controls the whole polymeri-
zation process. A disagreement between these two models in
the mass transfer controlling stage keeps enlarged with pro-
ceeding the semibatch reaction to increase the polymer mole-
cular weight. It should be noted that VLE does not explain the
mass transfer resistance process occurring in the highly viscous
reaction medium.

Fig. 7 shows the effect of the mass transfer resistance on
the build-up of M, in a post-stage of the semibatch reaction.
It has been assumed that after the end of stage-5 in Run-II,
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Fig. 6. Comparison of the two model predictions (VLE & MTR)
for the composition profiles of oligomer and phenol for

Run-I; Only the semibatch reaction stage has been pre-
sented.
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Fig. 7. Effect of the mass transfer resistance on the build-up

of the polymer molecular weight in the post-stage of
semibatch reaction.

the reaction temperature is increased to 300 °C, the reaction
pressure is further decreased to 1 mmHg, and the polymeriza-
tion proceeds for 2 hours in addition. It is also assumed that the
¢-value is zero because there is no remaining DPC in this stage.
A decrease of the mass transfer coefficient of phenol [(k;a)p],
which means an increase of the mass transfer resistance, sup-
presses the increase of polymer molecular weight. However,
the polymer molecular weight profile predicted by VLE keeps
increasing with the reaction time and shows a large deviation
from the model prediction by MTR.

The main theoretical background of MTR is that there is
a mass transfer resistance at the gas-liquid interface. In the lat-
er stages of the semibatch melt polymerization process pro-
ducing high molecular weight of polycarbonate, a reaction me-
dium is very viscous and the mass transfer resistance increases.
Such a presence of mass transfer resistance is represented by
MTR. The MTR is very reliable and comprehensive in pre-
dicting the polymer molecular weight compared with VLE. In
the use of MTR, two unknown parameters [¢ and (k;a)p] should
be known, and they have been estimated by using the parameter
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estimation technique in this study. Experimental observation or
theoretical analysis regarding ¢ and (k;a), should be reported in
further studies and it could make the process model compre-
hensive. The mass transfer coefficient is not a physicochemical
property of the system, but it depends on the reactor operat-
ing conditions (e.g., efficiency of mixing, bubble size, number
of bubbles, etc.). Obviously, they are not easy to measure ex
perimentally, and this also is an important research theme to
be carried out further.

CONCLUSION

A two-phase mass transfer model has been developed as
an alternative modeling approach to the homogeneous vapor-
liquid equilibrium model for the polycarbonate melt polymer-
ization process. The DPC reflux efficiency factor (¢) estimat-
ed from the vapor-liquid equilibrium model, which has been
previously reported by Kim and Choi [1993], was used in the
model simulations. The mass transfer coefficient for phenol
[(k,a)s] was estimated using a standard technique for optimal
parameter estimation with the experimental data of number
average polymer molecular weight in each stage. The model
simulation results were compared with the experimental data
presented by Kim and Choi [1993].

The two phase mass transfer model gives reasonable predic-
tions of polymer molecular weight and reaction product com-
position. The two-phase mass transfer model is an appropriate
reaction-transport model for the high conversion melt poly-
merization process, in which the reaction melt viscosity is high
and the mass transfer of volatile by-products is the rate-con-
trolling step. A mass transfer resistance model shows that the
build-up of polymer molecular weight with reaction time is
suppressed depending on the increase of mass transfer resist-
ance of phenol, while the vapor-liquid equilibrium model does
not express such a process.

To improve the two-phase mass transfer model, it is neces-
sary to establish a theoretical procedure to estimate two param-
eters, ¢ and (k;a)p, appearing in the model development.
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NOMENCLATURE

a : interfacial area per unit volume
(k;a);: volumetric mass transfer coefficient of component j

k, :mass transfer coefficient

p; : partial pressure of component j

p: :reactor pressure

P/ :vapor pressure of component j

Q, :volumetric flow rate of vapor from the reactor
R; :reaction rate for component j

v, :molar volume of component j

V  :liquid phase volume

V, :gas phase volume

x; :mole fraction of component j in liquid phase
y; :mole fraction of component j in vapor phase
Greek Letters

x  :polymer-solvent interaction parameter

y  :activity coefficient

¢  :DPC reflux efficiency factor

Superscripts
C  :condensate phase
V  :vapor phase

Subscripts
B, :DPC
P  :phenol
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