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Abstract—In traditional chemical reaction engineering, it is possible to incorporate only the simplified aspects of
fluid flow, mixing, and mass/heat transfer into the analysis of chemical reaction rates and reactor design. As a con-
sequence of the advent of high-speed, high-capacity computing capacity, complex processes involving chemical
reactions have become amenable to analysis and modeling. This has also resulted in the merging of various disciplines
of chemical engineering in formulating detailed descriptions of complex processes. Developments that exemplify this
trend over the years are discussed in this review. Several examples from the author’s previous work are used to illustrate
the application of chemical reaction engineering principles to the modeling and analysis of complex systems involving
the chemical processing of metals and other inorganic materials.
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INTRODUCTION CONCENTRATE

Complex processes involving chemical reactions have becom
amenable to analysis and modeling thanks to the rapidly increasin
computational capacity. Traditional chemical reaction engineering
incorporates only the simplified aspects of fluid flow, mixing, and - NI PLANT
mass/heat transfer into the analysis of chemical reaction rates ar f\
processes. As a result, accurate and realistic analyses and simu 4 \l l s
tions of many individual aspects of complex processes have nc f
been possible. Thus, the disciplines of chemical reaction engineei¥A™®
ing and transport phenomena have stood separate, and their aspefeity. 1. Schematic diagram of the flash smelting process.
within a given process were treated individually [Similarly, unit op-
erations and transport phenomena were treated separately]. A con-
sequence of the availability of high-speed, high-capacity computinghe flash smelting process in the production of nonferrous metals
capacity has been the merging of these disciplines into the formufrom sulfide minerals. A schematic diagram of this process is given
lation of a more detailed description of a complex process. Curin Fig. 1. In this process, fine, dried mineral particles and fluxes are
rently, many models combine the basic principles of various previinjected into the furnace with industrial oxygen or oxygen-enriched
ously independent sub-disciplines of chemical engineering to for-air. The mineral particles are rapidly ignited and burn in the tur-
mulate comprehensive and increasingly more realistic descriptionbulent gas jet. The flash-smelting process has the advantages of rap-
of chemical processes. id reaction rate, ease of control, substantial reduction in fuel require-

Developments that exemplify this trend over the years in the fieldments, and efficient sulfur dioxide capture.
of chemical processing of metals and other inorganic materials are Despite the fact that the process has been in commercial use for
discussed in this review. The examples will largely be drawn froma long time and is currently the dominant sulfide-smelting process,
the work by the author and his coworkers, because of the limitathe design and operation of a flash-smelting furnace has largely re-
tions in the scope of the review and time available to prepare thisnained an art. This is mainly due to the difficulty of understanding
article. Regrettably, therefore, excellent examples by many otheand quantifying the complex interactions of the individual sub-pro-
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researchers have to be left out. cesses involved - the turbulent fluid flow, convective heat and mass
transfer, chemical reactions, and radiative heat transfer.
FLASH REACTION PROCESSES In our research on an experimental and mathematical modeling

investigation of the shaft region of a flash-smelting furnace, we be-
An important example of a unit process in metals production isgan by first tearing apart the overall process into identifiable com-
ponent processes. We thus recognized a number of important sub-
*To whom correspondence should be addressed. processes, as shown in Fig. 2. The model equations were written
E-mail: hysohn@mines.utah.edu based on the continuity of mass and the conservation of momen-
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Fig. 2. Components of mathematical modeling of the flash-smelt-

ing process.
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eral form:

O« (pVg) —O+ (r,0¢) =S’ @)

whereg@is the dependent variablg, is the coefficient for the dif-

fusive transfer, and’$ the source term. Table 1 shows all the gas-
phase governing equations. The standardriedel was used to
represent gas-phase turbulence. The particle phase was described
using the Lagrangian framework, the governing equation being listed
in Table 2. Further details of the model equations can be found else-
where [Hahn and Sohn, 1990; Perez-Tello et al., 2001].

The next sub-process we tackled was the gas-particle reactions -
the oxidation of sulfur and iron in the mineral particles. To describe
the ignition transient as well as the main combustion period follow-
ing the ignition, information on the intrinsic kinetics of the mineral
particle oxidation is needed. This information was obtained by car-
rying out separate experiments [Chaubal and Sohn, 1986]. Appro-

tum and energy for the gas and the particle phases [Hahn and Sotprjate measures were taken to ensure determination of the intrinsic
1990; Perez-Tello et al., 2001]. The gas phase was described frokinetics. After the particle becomes molten in the flash furnace, the
the Eulerian point of view. The time-averaged equations for the conparticle temperature is sufficiently high that the overall rate of reac-
servation of fluid properties can be expressed in the following gention can be described by the mass-transfer rate of oxygen from the

Table 1. Gas-phase equations

9, _ 9, _ 9, _ 03-0070_0 -90¢1_ 0 [ 0@ T— o
g +2 += - =
Equation e A MG i s s v s
@ r, Sy
Continuity 1 0 (A-1)
) . _9p, 0 0t 0 0_VgD+_ ow,_20 + ]
x-Momentum T, He Ix axHeax O ayaieaxm 62% ox 0 36X(ng) P,0«tS, (A-2)
] g _0p, 00, 0G0, 00 V0, 00, dW,_20 )
y-Momentum v, U, 3y aXBJeayD ayBJeayD aZBJ 3y O 3ay(p@,k) P9, *S (A-3)
_ W _9p, 00 G, 00 Vi, 0] 0w, 20 + -
z-Momentum W He 0z 6XBJ *oz0 6ya'l *oz0 62% oz O 36x(pgk) PG +S, (A-4)
Turbulent kinetic energy k uJo, G P, (A-5)
Dissipation rate £ ujo, (&K)(C,G —C,p,¢) (A-6)
Sulfur mass fraction f ujo, S (A-7)
Reacted oxygen ratio n ujo, S (A-8)
Enthalpy h ula, Q' +Qry *T ‘3-’ +v ‘3-’ 17,22 S (A-9)
where:
ESLDJ,BLDJ,LDJ + 90, 0V,f | (90, , 0W,f , 9V, , OW,[i0 ]
6= “‘[2[ Loyl UozU] Dby oxU Loz oxU [bz ay DD (A-10)
H=Hh (A-11)
H=C,p,K’le (A-12)
$=5-S (A-13)
Table 2. Particle-phase equations
Motion m,,ﬂD §CD—9—|EIUD- VI{WO-VO +(m, ~m,)g (B-1)
at  "™4°pd,
Particle dispersion (cloud model) ai(t) =2J'; H/',z(tl)qﬁ)R,,(T)det1 (B-2)
Species mass balance %—? = =qR,’,J -R’ (B-3)
j=1
d
Energy d_t(mphp) =H, +Q, ~Q,~H, (B'4)
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bulk gas. was fed through a series combination of a screw feeder and a vi-
The ability of the computer model to describe the dispersion ofbratory feeder to minimize the pulsing of the solid feed. Five 250-W
the particles in the turbulent gas jet of a flash-smelting furnace shaspotlighting halogen lamps were placed on either side of the cham-
was verified by the use of a non-reacting model system [Yasud#er as the light source, and a black cloth was used for background.
and Sohn, 1995]. This work was done using a room-temperatur@he photograph showed the particles as white spots on the black
model apparatus by combining a photographic method and a conbackground. A sample of the comparison between the experimen-
puter image-analysis technique. The observation chamber was tal and computed results is shown in Fig. 3. It is noted that the com-
rectangular box made of acrylic plates and lined with glass plateputer model yields the particle number density in the units of num-
to prevent the particles from sticking to the wall. The height of the ber per unit volume, whereas the photographic data gave it as num-
chamber was 1.22 m, and the width and length were both 0.61 nber per unit projected area. Thus, the computed data were con-
A steady flow of a gas-particle jet was injected from the center ofverted by integrating through the depth of the system. As can be
the ceiling through a variety of injector and withdrawn through anseen, the agreement is quite satisfactory, thus verifying the validity

outlet at the bottom of the chamber. Silica sand of 149 tu@260 of the fluid-dynamic description used in the overall computer mod-
el from the viewpoint of the particle dispersion in the gas jet.
Simultaneously with the mathematical model formulation, we
constructed a laboratory flash furnace to make measurements under
various operating conditions [Chaubal, 1986; Sohn et al., 1988; Sohn
and Seo, 1990; Perez-Tello et al., 2001]. The furnace had an inner
diameter of 25 cm and a height of 1.3 m. The maximum solid feed-
j ing rate was 5 kg/h. The idea, of course, was to determine how well
the mathematical model could predict the experimental measure-
ments and also to use the model to suggest experimental condi-
tions for key measurements. Not satisfied with using just our own
data, we obtained data collected independently elsewhere - in this
case, measurements obtained in a pilot plant by Outokumpu per-
sonnel [Hahn and Sohn, 1990] (Outokumpu, a Finnish company,
1 is a major worldwide licensing company of flash smelting fur-
naces). In this way, the reliability of the mathematical model could
be better established. The mathematical model provides a realistic
representation of the process because it is built based on either first
principles or well-established correlations for individual sub-pro-
cesses developed independently. One can thus use the mathemati-
cal model with much greater confidence to describe not only the

5
10 x 10 .

9_

8»

7_

Particle Number Density (# X 10%/m?)
B [6)]

Radial Position (m)

&
£ 30
wn —_
=} X
< = 4
* f‘c.’. 20 M SO,
2 &
2 O 10+ ,
o @©
a O
g 0 .
€ 0 1.0 1.25
>
=z
9 . 100 A
- g
& 2
€
©
£ 50 50 % Cu
, . x 107 14
Radial Position (m) 5 . 70 % Cu
= x
Fig. 3. Comparison between the experimental and computed pro- @ ¢ ¥ .
jected particle number densities in a cold model of flash- 0
furnace shaft: (top) experimental and (bottom) computed 0 025 05 0.75 10 1.25

(Double-entry injector; 150 mm below the jet entry; air flow

rate=0.014 Nn¥min for primary and 0.084 Nm¥min for Axial Distance from Top (m)

secondary). — Double-entry injector with 22.0 mm OD  Fig. 4. Comparison of the computed and measured results along
inner tube; ------ Double-entry injector with 12.7 mm OD the centerline of a laboratory flash furnace shaft [Condi-
inner tube; ----- Single-entry injector with 25.4 mm ID. tions for the tests are given in Hahn and Sohn, 1990].
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sulfide-smelting processes under various operating conditions but alsbhe second graph is for the case in which the feed gas was pre-
other systems involving a particle-laden gas jet of a similar overallheated. Considering the complexity of the process and the fact that
flow configuration. We then applied the computer code to the de-the pilot-plant measurements were made completely independently
scription of minor-element behavior [Seo and Sohn, 1991], whichfrom our computation, the agreement is remarkable. The bottom

is an important problem in any smelting process. graph compares the temperature profiles for these two cases. Again,
Fig. 4 shows a typical comparison between the model predicthe agreement is very good.
tions and laboratory measurements in terms of thec@@entra- Based on the confidence obtained by the good agreement ob-

tion in the gas and sulfur content in the particles at various axiatained between the model predictions and many other experimen-
positions along the centerline of the furnace shaft [Hahn and Sohnal results obtained in our laboratory, the computer model was used
1990]. The overall agreement is satisfactory, except near the furto analyze the operation of an industrial flash smelting furnace [Hahn
nace bottom. The discrepancy toward the bottom of the furnace iand Sohn, 1990; Perez-Tello et al., 2001; ltagaki et al., 2002]. The
due to the air leaking into the furnace through an opening througimost notable aspects of the predictions for a flash-smelting furnace
which the sample probe is inserted. It is particularly noteworthy are;

that the model adequately predicts the particle ignition point, after

which the reaction is very fast. A similar comparison between our (1) By giving a radial velocity component to the solid particles
model predictions and measurements obtained by Outokumpu Cat the burner tip, particle dispersion becomes more uniform in the
in their pilot plant is shown in Fig. 5. The top figure shows the SO furnace, and thus a larger portion of the furnace volume can be uti-
and Q concentrations along the central axis from the burner, as wellized for smelting. This is consistent with the new burner devel-
as the amount of oxygen used in the oxidation of metal contentped by Outokumpu Co.

(2) The oxidation reaction is essentially completed within a frac-
tion of the total height typically used for most commercial units.
There are a number of reasons why the furnace height cannot be as

(a) short as what the calculated result would indicate, such as less reac-
S0, tive recycle materials and agglomeration of the feed concentrate.
However, the heights of industrial flash furnaces may, in general,
be excessive. In fact, the fact that the height of a commercial fur-
nace can be substantially reduced has been demonstrated by the
, Hidalgo Smelter of Phelps-Dodge Company (Playas, New Mexico).
They removed the top 3 m out of the original 13.5 m from their fur-
n nace without any undesirable effects. The associated benefits, in-
3 4 cluding reduced heat loss and refractory requirement, need no fur-
ther mention.
(b) (3) A large number of “test runs” can be made with the com-
o . S0, puter simulation without the highly expensive and time-consuming
plant tests.

Gas Content (%)
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Gas Content (%)

o T Large operations exist in the chemical and metallurgical indus-
0 L ¢ L ! tries in which solvent extraction is used to separate, purify, and con-
0 1 2 3 4 centrate values in aqueous solutions [Lo et al., 1983; Alegret, 1988;
Jackson, 1986; Blumberg, 1988; Ricci, 1980]. The application of
N solvent extraction to metal extraction started from the separation of
uranium from its ore [Ricci, 1980] and the treatment of spent reac-
1250 - tor fuel to separate plutonium from uranium and its fission prod-
463 K ucts [Ricci, 1980; Stoller and Richards, 1961]. Since then, the use
of solvent extraction grew rapidly [Lo et al., 1983; Alegret, 1988;
Jackson, 1986; Blumberg, 1988]. Two characteristics of the sol-
vent extraction process make it an attractive method for purifying
250 . . ) l and concentrating solutes dissolved in a solvent: Firstly, solutes can
0 1 2 3 4 be selectively removed and secondly, they can be concentrated from
Axial Distance from Top (m) a dilute solution. Most solvent extraction processes for metal ex-
) . traction use mixer-settler contactors [Lo et al., 1983; Jackson, 1986].
Fig. 5. Comparison of the computed and measured results along .
the centerline of an Outokumpu pilot flash furnace shaft In the nuclear mdustry, the most often qsed contactors are the pulse
[0, (Me,0,) denotes the percent of input @consumed to columns and the mixer-settlers [Extraction ‘84, 1984], but more re-
produce metal oxides. Conditions for the tests are given in  cently the centrifugal extractors have become popular for certain ap-
Hahn and Sohn, 1990]. plications [Schulte, 1998].
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Ideally, the contactor must be simple with few, if any, moving tion and also prevents mist problems, both of which cause environ-
parts. The simplest of these is the spray column in which the heavgnental pollution in addition to the loss of process materials. Fur-
and the light phases flow counter-currently in a vertical vessel. Eithermore, any desired gas atmosphere can be maintained in this sys-
ther one of the phases can be the continuous phase with the othtierm, depending on the required extraction chemistry. The agitation
being the dispersed phase. Although these types of contactors hatsg a gas jet provides a milder and more uniform shear than by a
the advantages of simple structure with no moving parts, they suffemechanical agitator, and thus generates more uniform droplets [Zaidi
from relatively low throughput rates (due to their dependence orand Sohn, 1995] (with fewer very small ones) that coalesce more
the small density difference between the two liquid phases) andeasily in the phase disengagement zone between the plumes. This
most importantly, from severe backmixing which greatly reduceswill also reduce the problem of crud (third phase) formation, which
the extraction efficiency and thus necessitates large heights. plagues many solvent extraction operations.

The mixer-settler equipment, on the other hand, can be operateld Results of Continuous Extraction Test
under conditions wherein near equilibrium between the two phases The performance of the new extraction process has been tested
is assured. However, it has the disadvantages of considerable corim- an apparatus illustrated in Fig. 6 comprising a horizontal clear
plexity of construction and operation due to the requirement of im-plastic vessel with 21 holes along the bottom at 10-cm intervals to
pellers for stirring, interstage pumping, and piping. Furthermore,accommodate gas injection at variable intervals [Sohn and Doung-
cleaning and maintenance are quite difficult, especially when cor-deethaveeratana, 1998]. The vessel had a circular cross-section and
rosive and/or particle-laden liquids are processed [Schulte, 199&he dimensions of 28.3 cm diameter and 2.4 m length. For a con-
Laddha and Degaleesan, 1978]. tinuous countercurrent extraction test, four injectors at 40 cm inter-

Centrifugal extractors are compact and provide good contact bevals were used. The heavy phase was an aqueous solution of cop-
tween the two immiscible liquids, but have highly complex struc- per with an initial concentration of 512 ml/L and pH of 2.15. The
ture and configurations. For this reason, their operation is difficultlight phase was a high-flash-point kerosene containing 2 wt% LIX
and costly. They also provide relatively short contact time and thus860. LIX 860 is one of a number of copper extractants that are com-
are not suitable for solvent extraction systems that have slow kimercially available. The diameter of the injectors was 0.56 cm, and
netics. Other types of contactors that are in use all have internal struthe gas velocity at the injector tip was 39 m/s. The flow rate of the
tures that add varying degrees of complexity and limit the through-organic phase as well as that of the aqueous phase in the vessel was
put rate per unit volume of the equipment. 0.25 L/min. The depth of each phase was 3.8 cm.

A novel solvent extraction process, which overcomes the disad- A typical example of the test results is plotted as the middle line
vantages of the existing processes described above, has been deFig. 7 relative to the equilibrium isotherm. The solution concentra-
veloped in the author’s laboratory [Sohn and Doungdeethaveeraions were measured as the liquids left the mixing zones. The initial
tana, 1998]. The process is carried out in a horizontal countercureopper concentration was reduced from 512 mg/L to about 4 mg/L.
rent contactor, in which the liquid-liquid emulsion is generated by The efficiency of the mass transfer in the plume generated by the
a series of bottom-blown gas jets, as shown in Fig. 6. The gas jdiottom gas injection is seen to be excellent [The reason why the ex-
creates a plume zone consisting of an emulsion of the two liquidperimental points taken inside the vessel are not on the operating
that contains a large interfacial area for rapid mass transfer. The twiine is mainly because of the complex nature of the flow pattern,
liquids then disengage and flow in the opposite directions beforavhich makes it difficult to take samples with the average concen-
entering another plume zone. Since the agitation of the two phase
and the formation of the emulsion are caused by gas jets, this cot
tactor has no mechanical moving parts and few internal accessc 1300
ries. Thus, the process combines the simplicity of a cylindrical vesse 1200
having no moving parts with the contacting efficiency of a mixer- 1100
settler as shown below. The equipment is inexpensive to build an- 1900
operate, and is easy to clean. An important additional advantage 18 900
this contactor over mixer-settler equipment is the fact that all theg 800

gas can be recirculated, which eliminates solvent loss by evaporio ;gg
=z
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Fig. 6. Schematic diagram of the novel solvent extraction process. 2, etc., up to the region after plume 4).
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trations in the particular regions. The copper concentration in theypical of mixer-settler operations.
final exit aqueous stream gives the correct final degree of extraction.B. Degree of Backmixing and the Residence-Time-Distribu-
2. Interfacial Area tion Analysis
In order for the process to be industrially feasible, the emulsion As mentioned above, an efficient solvent extraction process re-
generated by the bottom-injected gas jet must have a sufficient inquires minimum backmixing of each liquid phase in the direction
terfacial area so that the mass transfer rate may be reasonably rag-its overall flow. For counter-currently flowing immiscible lig-
id. The interfacial area between the two liquid phases in an emuluids in a channel reactor with bottom gas injection at certain in-
sion generated by bottom gas injection can be estimated using thtervals, identical to the solvent extraction process described in this
results of previous work on the drop-size distribution [Zaidi and article, lyer and Sohn [lyer and Sohn, 1994] carried out a disper-
Sohn, 1995] and the dispersed-phase holdup [Lee and Sohn, 1996pn analysis to compare the degree of backmixing in such a sys-
in such emulsions. As discussed below, it has been shown in thieem with that in continuous stirred tank reactors in seties, much like
work that sufficient interfacial area between the organic and aquein mixer-settlers. The degree of backmixing in a channel reactor
ous phases can be generated by bottom gas injection. Furthermorgas expressed by the spread in the measured exit-age distribution
the interfacial area as well as the drop-size distribution can be coreurves for a vessel that is identical to that used for the continuous
trolled by a judicious selection of the gas flow rate and equipmenextraction test described earlier [lyer and Sohn, 1994]. They deter-
design factors. mined that the new solvent extraction process with just four to six
The interfacial area per unit volume of the emulsion a is relatednjectors is expected to behave like ten or more mixer-settlers in
to the mean drop size and the volume fraction of the dispersed phaseries, depending on the gas injection conditions, as far as the de-
@by the following equation [Zaidi and Sohn, 1995; Lee and Sohn,gree of backmixing is concerned. With a longer channel reactor and

1996]: more gas injectors, the degree of backmixing can further be reduced.
A 6 The backmixing and flow characteristics in a countercurrent channel
a=g =dlﬂj. ) reactor were further determined in a much larger apparatus with 1 m
e 32

diameter and 7.2 m length. The resident-time distribution and mixing
Here, g, is the Sauter mean diameter of the drops, which is the dicharacteristics in this larger unit were well correlated with the equa-
ameter of the drop having the same volume-to-surface-area ratio &isns developed in the smaller unit [lyer and Sohn, 1994]. Based
the ratio of the sum of the volumes of all drops to the sum of theon this observed flow behavior, extraction efficiencies in the larger
surface areas of all the drops. unit are expected to be in a similar range to those in the smaller unit.

The Sauter mean diameters of water droplets in kerosene in a The overall fluid flow and mixing phenomena in such a channel
bottom-gas-injected liquid-liquid system were measured and correreactor were investigated, and its residence-time distribution (RTD)
lated with operating conditions [Zaidi and Sohn, 1995]. The exper-was analyzed based on an ideal-reactor-network model [lyer and
iments were carried out in a 1.5 m long, 0.76 m wide, and 0.76 nSohn, 1994]. This model is based on the observed flow patterns of
high Plexiglas tank. The tank had holes on the bottom to accomthe various liquid phases with high-strength bottom gas injection,
modate injectors. Compressed air was injected into the tank coras shown schematically in Fig. 8 around an injector. In this model,
taining water and kerosene to form the emulsion. Water was thé¢he plume region above an injector was modeled as a continuous
dispersed phase in this system. stirred tank reactor (CSTR). Since the gas is injected with high en-

A large specific interfacial area provides a rapid mass transfeergy and the bath is rather shallow, the fluids in the plume region
rate. On the other hand, the formation of small droplets needs to bare very well mixed as in a CSTR. Observation of the fluid flow
avoided because they cause a difficulty with respect to settling andround each plume indicated that a recirculating flow is set up on
phase disengagement [Nyman et al., 1995]. Therefore, the propeither side of the plume [lyer and Sohn, 1994]. Thus, these regions
control of drop-size distribution and specific interfacial area is impor-were modeled as recycle plug-flow reactors. A schematic diagram of
tant. The values of,dand a obtained in this work are compared in the combination of ideal reactors used to model the region around
Table 3 with those for other solvent extraction systems reported ireach plume, including the plume itself, is shown in Fig. 8. The re-
the literature. It is seen that bottom gas injection can generate emutycle reactors were assumed to equally share the distance between
sions with a wide range of specific interfacial areas, including thosehe two plumes.

Table 3. Comparison of d, and a from this study with those for other solvent extraction systems

Apparatus ¢ (mm) Hold-up (-) a(m) Refs.
Bottom gas injection 4-6 0.03-0.4 40-1,500 Sohn and Doungdeethaveeratana, 1998
Pulsed columns (with sieves or packed) 1-3 0.1-04 200-2,400* Garg and Pratt, 1983; Schmidt, 1983; Simons, 1983;

Rauscher and Blass, 1992; Batey et al., 1983
100-300  Simons and Nap, 1983
Rotating disk or impeller column 1-4 0.1-0.2 150-1,200* Zhu et al., 1983; Fei and Slater, 1983; Lee and Kim, 1992
Mechanically agitated tank 1-3 600-2,000* Husung et al., 1983; Laddha and Degaleesan, 1983

*Calculated based on drop size and holdup given in the listed references. When the holdup value was not given, a tygfi€aBvalue
was assumed.
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Fig. 8. Flow configuration and ideal-reactor-network model of the ~ and Sohn, 1994jyhile that for the recycle section following the
bottom-gas-injected solvent extraction process. CSTR can be written as
. ) E() =Y a(1-a)" {E(t-T 11
The model has a single unknown parameteff-ig. 8), the A1) Zl (1=a) 1E(t=7)] (@)

throughput fraction through the combined recycle reactor section. N

This parameter was determined from the experimental RTD resulte/herer=r,,+(2i+1)t,, and n=integ r#”}

and correlated against operating variables. All other model vari- i

ables are determined as functionsrofind the known operating ~ These equations can be extended similarly to further identical sec-

conditions. tions down the length of the reactor by using the response of the
The model equations are based on the RTD response of the ifif€vious section as the input function to the next section.

dividual ideal reactors. The RTD response E(t) of a plug-fiow reac-  The value otx was determined as the value that gives the best
tor (PFR) to a pulse input can be written as match between the experimental and calculated values for the peak

time and the average residence time (the lowest combined differ-
E@®)=At-1)- 3 ence). A comparison of experimental results with model predic-

whered is the Dirac delta function artglis the mean residence time
of the PFR. 0.016 . , - . . —r
The CSTR response to a similar pulse input is

0.014
i 110 |
E(t) =1¢ expy 7.0 4 0.012
. . . T 001}
wherert, is the mean residence time of the CSTR, and the RTD reg
sponse for the recycle reactor in the heavy phase is < 0.008 }
E@®=a(l-a){qt-1,-n+1)l} ®) w 0.0061
wherert, is the mean residence time of the top recycle reactor, ani  0-0041
=i [ 0.002}
n-mtegeETP +TJ .
Considering a CSTR with a normalized input function Y(t) such % 02 04 06 08 1 12 14 1f6 18
that x 10*
Time (sec)
[, Y(®dt=1, (6) Fig. 9. Computed and experimental residence time distribution in
. o ) the heavy phase of the bottom-gas-injected countercurrent
the RTD response to the input function introduced between time 0 liquid-liquid process [a=0.025. Detailed test conditions are
and dis given by given in lyer and Sohn, 1994].
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0.01}
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Time (sec)
Fig. 10. Computed and experimental residence time distribution 0.2r
in the heavy phase of the bottom-gas-injected countercur-
rent liquid-liquid process [a=0.225. Detailed test condi-
tions are given in lyer and Sohn, 1994]. Typical
Industrial Range
|
0.35 " T v T T " T 0.0 f " .
10°° 10 10
03 €
Fig. 12. Variation of a with €in the heavy phase of the bottom-gas-
0.25 Model 1 injected countercurrent liquid-liquid process.
<
€ 02f
= Eoeri | wherep is the density, Q is the volumetric flow rate, h is the liquid
€ 015} xperimenta depth, L is the distance between the adjacent gas injectors, A is the
w cross-sectional area perpendicular to the overall liquid flow, and
01r 1 the subscripts 1 and 2 represent, respectively, the heavy and the light
0.051 liquid phases.
' For the light phase, the model equations are similar to those for
0 ) . o the heavy-liquid calculations. The response of the first recycle re-
0 100 200 300 400 500 600 700 800 actor and CSTR combination is identical to Eq. (10). For the PFR
Time (sec) unit downstream of the CSTR, the RTD response is given by
Fig. 11. Computed and experimental residence time distribution EJ()=0 for 0<t<t,,
in the heavy phase of the bottom-gas-injected countercur- “E(t-1,) fortst 13)
rent liquid-iquid process [@=0.644. Detailed test condi- e P
tions are given in lyer and Sohn, 1994]. These equations can also be extended, as in the heavy-liquid case,

to additional identical sections throughout the length of the reactor
by using the response of the previous section as the input function
tions of heavy-liquid RTD behavior for three different cases is shownto the next section. A comparison of model predictions with experi-
in Figs. 9 through 11. It can be seen that there is an overall excelnental results for the light-phase is shown in Fig. 13.
lent fit between the predicted and the experimental RTD curves. The correlation for the paramef&for the recycling zone of the
The fluctuation in the E(t) value is due to the response characteridight phase is given in Fig. 14. The operating conditions are repre-
tics of the idealized recycle reactor unit. The recycle reactor outpusented, based on a dimensional analysis, by a single dimensionless
consists of pulses at intervals f{1;) (assumed equal in this work  groupydefined by
[lyer and Sohn, 1994]) entering the CSTR. When the CSTR's nom- -
inal residence time is small (largg the magnitude of the fluctua- y=%m[1+h—2&}%g. (14)
tion becomes large. Even for the largest valug, tife time for the PQuLL hupH8A
peak and the average residence time are represented satisfactorily.The correlation foor was applied to operations in a much larger
Fig. 12 presents the correlation foagainst the experimental con- vessel (1 m diameter and 7.2 m length) to test its suitability for scale-

ditions represented ®formulated by a dimensional analysis: up. A comparison between the experimental result and the model
prediction is shown in Fig. 15, which shows an excellent agreement.
e= Mmﬁl +h_231[71.2n@2 (12) The large-scale test for the light phase was not performed because of
Uo, QLU ™ hyp, [THA, LI the limitations on handling a large quantity of hazardous chemicals.
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Fig. 13. Computed and experimental residence time distribution
in the light phase of the bottom-gas-injected countercur-
rent liquid-liquid process [3=0.601. Detailed test condi-

tions are given in lyer and Sohn, 1994].
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Fig. 14. Variation of Bwith yin the light phase of the bottom-gas-

injected countercurrent liquid-liquid process.
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Fig. 15. Computed and experimental residence time distribution
in the heavy phase of a large-scale model of the bottom-
gas-injected countercurrent liquid-liquid process fr=0.181.
Detailed test conditions are given in lyer and Sohn, 1994].
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Fig. 16. Variation of normalized variance g7 with € in the heavy
phase of the bottom-gas-injected countercurrent liquid-
liquid process.

The residence-time distribution represents the degree of back-
mixing of fluid elements as they flow through a vessel. The degree
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proposed to describe the gas and solid behaviors. The most widely
accepted model is the two-phase model [Kato and Wen, 1969; Pyle,
1972; Werther, 1978], in which a fluidized bed is pictured as con-
sisting of a bubble phase that forms from the excess gas flow above
the minimum fluidization velocity and an emulsion phase that is
similar to the bed in incipient fluidization [Davidson et al., 1997].

A number of different versions of the two-phase model have been
proposed. Among them, the Kunii-Levenspiel model [Kunii and
Levenspiel, 1991] incorporating the Davidson bubble and wake [Clift
and CiIift, 1985] is most widely used. Along with the movement of
gas in the fluidized bed, the solid particles are dragged upward as
clouds or wakes by the bubbles and descend by gravity in the emul-
sion phase. Fresh particles may be fed continuously to the bed and
discharged either through an overflow pipe or by entrainment of
gases. Particle size and density may change in a non-catalytic reac-
tion, and particles of the same size have different residence time in
the bed. The elutriation rate depends on particle size. All of these
must be accounted for in order to predict and control the behavior
of the salids in such a fluidized bed process.

Zhou and Sohn [1996] used the bubble assemblage model to de-
scribe the bed behavior with several new features. A particle-size-
dependent reaction-rate expression, which takes into account the
particle-size distribution of the solid, was incorporated to calculate
the concentration profile of reactant gases in the bed. This rate ex-
pression is more realistic than those previously used [Fuwa et al.,
1978; Youn and Park, 1989]. The particle-size distribution in the
bed was calculated by a population balance. The model assumes
that the solid particles are well mixed throughout the bed, but the
gas concentrations vary with the bed height. This makes the model

0%/t of the residence-time distribution [Levenspiel, 1999]. lyer and applicable to industrial application where the concentrations of reac-

Sohn [1994] developed correlations &g for the heavy and light

tant gases may change substantially along the bed height. This model

phases of the bottom-gas-injected counter-flow system against thevas applied to the analysis of the fluidized-bed chlorination of rutile,

dimensionless groupsandy, respectively, as shown in Figs. 16
and 17. The range of? between 0.05 and 0.3 for the heavy phase
corresponds to the degree of backmixing for 3 to 20 CSTR?’s in serie:
The gy values ranging from 0.1 to 0.15 for the light phase are equiv-
alent to the degree of backmixing in 5 to 11 CSTR’s in series. This
is quite comparable to the mixer-settler systems commonly used i
metallurgical solvent extraction, in which a mixer cell is equivalent
to a CSTR.

This work has shown how a judiciously constructed network of
ideal reactors can be used to represent the residence time distrit
tion of a system in which rather complex flows of liquids take place.
The ideal-reactor-network model discussed here further enables ot
to analyze and predict the rate of mass exchange between the tv
liquid phases by mass transfer and chemical reaction when con
bined with the emulsion characteristics discussed earlier and th
mass transfer characteristics in such liquid-liquid emulsions [lyer
and Sohn, 1993].

FLUIDIZED-BED REACTOR MODELING
FOR GAS-SOLID REACTIONS

Many fluidized-bed processes for non-catalytic gas-solid reac-
tions are operated in the bubbling fluidization mode. Numerous in-
vestigations have been carried out to elucidate the phenomena occui-

ring in a bubbling gas-fluidized bed, and many models have beelffrig. 18. A schematic representation of the bubbling fluidized bed.
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incorporating the experimentally determined intrinsic chlorination sion phases with bed height. With the assumption of steady state

kinetics. and perfect mixing of solid particles in the bed, an overall mass bal-
With reference to the schematic representation of a fluidized bednce of the solid gives [Kunii and Levenspiel, 1968; Levenspiel et
shown in Fig. 18, the specific features of the model are: al., 1968]
(1) The bed consists of three regions: bubble, cloud, and emul- Crate of solid consumption in
sion. The gases are exchanged between these regions. Considerind ~F:7F2= 3. % size interval r to tdr % 19)
other uncertainties in the fluidized-bed model, such as the estima- O in the whole bed U

tion of gas-interchange parameter and chemical kinetics, the descrip-
tion of the fluidized bed was simplified by neglecting the mass-trans?"
fer resistance between the bubble and cloud phases and conS|der-DRate of mass consumption Crate of mass consumption
ing the cloud as part of the bubble phase. The exchange of gaseousy i, the size interval rto D O in the size interval r to U
species was accordingly simplified to be between the bubble and % r +dr per unit D:D r +dr in bubble phase
the dense phases, as has been done before [Youn and Park, 198971  \5jume of the bed O Cper unit volume of the béd
Drinkenburg and Rietema, 1972; Burkur et al., 1974; Rhee and Sohn, .
1990]. Drgte of mass consumptign
. . . . : U in the size interval r to O

(2) Fresh rutile particles are fed continuously and mixed with +% r +dr in emulsion phas q% (20
existing particles instantaneously. They react with the gases while Cer unit volume of the bdd
being dragged up by the bubbles and descending in the emulsion,
and leave the bed either through an overflow pipe or by elutriation.n the bubble phase,

(3) The gas compositions in the bubble and emulsion phases
change with bed height, but the solids are assumed uniformly mixed Rate of mass consumption pnumber of particles im

throughout the bed. L in the size interval r to _ U the interval r to r-dr U
(4) The horizontal variation of gas concentrations in each phase [ r*drinbubble phase § " in bubble phase per
can be neglected. Uper unit volume of the béd  Dunit volume of the bed
(5) The bed is operated under an isothermal condition due to the rrate of volumey [ 5
i ixina i a il C
rapid mixing in the bed. x0 decreasp fqu: @thl(r)drd_v[ 1)
Cone particle im; " O Eﬂnrﬂ dtp
The gases flow through the bubble and emulsion phases, while Obubble phasél O0P3™ O L
exchanging mass between the phases. The gas-phase mass balances
in these two phases can be expressed as follows: A similar equation is written for the emulsion phase. In the preced-
ing equations, fAs the feed rate of solids with a particle-size den-
—fgvbuh%’ =K oe(Cao ~Cre) oo 1) (15) §ity fupction of RN, R .is the Withdrawal rate pf 'solids with a par-
ticle-size density function of,{f); F, is the elutriation rate of solids
dC.. with a particle-size density function of(ff, p is the mass density
o Ueg7" TOKud Coe "Cad) HHo 7T 18)  of solid; y, is the fraction of the entire solid present in the bubble

. . . ) phase; w is the solid weight per unit volume of the bed; r is the par-
where §; is the fraction of the bed volume occupied by gas in phasg;gje radius; and V is the volume of a particle.

J; Ky s the interchange coefficient for gas between the bubble and The mass balance of solid in the particle-size interval r to r+dr

the emuision phases based on the bubble volume; @tthe con- iy terms of rate gives
sumption rate of reactant gas i per unit volume of the fluidized bed
at a particular height in phase j; adiche fraction of the bed vol- O Solids 0 O solids 0 O solids O
ume occupied by the bubbles, is given by [Kunii and Levenspiel, %entering irﬁ‘ Hleaving ing~ %Ieaving i,%
1991], 0 the feed O Ooverflow O Ccarryover
0 solids shrinkingg [solids shrinking
U,-U, U, o g o a
_%Uo_'—u " when LLDE_f +g . into the -0 .out of the 0
5= " Y m 17) 0 interval from O O intervalto [
%Uo—Umf when ums%f U alarger size U U a smaller sizel
o - " rsolids consumptiony
0 duetothe UO_ 27
The rate expression for the chlorination of rutile was experimen- A shrinkage withing @)
tally determined as follows [Sohn et al., 1998]: O theinterval U
3—;=—kV(RT)1'2*’CSf5C%,Z“. (18) The formulation of the quantitative expressions of the various

terms in the above conceptual balance equations is described else-
The mathematical model developed in this work considers thewvhere [Zhou and Sohn, 1996]. The resulting model equations were
separate variations of the gas concentrations in the bubble and emalpplied to the cases of single-sized and multi-sized feeds.
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To verify the mathematical model, batch experiments were car: 0.1 T T ¥ T T . T

ried out using a deep bed across which significant changes in ge
concentrations occurred. Since the gas-phase dynamics are mu
faster than changes in the solid particles, the steady-state model w
applied to each time increment, yielding the solid-particle-size dis- T 1238 gzzmz
tribution and the amount of solids remaining in the bed at various 900 cm¥/min
time increments. This is equivalent to the familiar pseudo-steady- at25¢C, 86.1 kPa
state approximation applied to the analysis of gas-solid reaction:
[Szekely et al., 1976]. This was done because it is difficult to es-
tablish a true steady-state chlorination condition in a small labora:
tory apparatus with a small solid feed rate. An attempt to conduc
the experiment in a true steady-state, continuous condition woul
only have introduced additional uncertainties and accompanying
errors.

The most important variables affecting the performance of the
bed and the reaction rate are superficial gas velocity and the e
change rate of gases between phases. In general, both chemical ¢
hydrodynamic factors should be considered in elucidating the reac
tor performance [Grace, 1974; Chavarice and Grace, 1975; Frye 0.0
and Potter, 1975]. The mathematical model was tested by compa
ing the computed results with the results of experiments under care-
fully selected conditions in which both the chlorination kinetics and Fig. 20. Computed particle-size density function in the bed and
mass-transfer effects play a significant role. This way, generally valid elutriation for the fluidized-bed chlorination of rutile par-
verification of the model can be obtained. ticles with a wide size distribution.

Examples of the model predictions compared with the experi-
mental results are shown in Fig. 19 for a feed with a wide size disples to the quantitative analysis of a rather complex system involv-
tribution. It is seen that the mathematical model yields results thaing the chemical processing of inorganic materials.
are in good agreement in terms of overall conversion vs. time. The
calculated results of the particle size distributions in the bed and in CLOSING REMARKS
the elutriation are given in Fig. 20. This work represents another
example of the application of chemical reaction engineering princi- Several examples have been discussed in this article that illus-
trate the application of chemical reaction engineering principles to
the modeling and analysis of complex systems involving the chem-
ical processing of metals and inorganic materials. The rapidly in-
T =1050C creasing computational capacity enables us to simulate these com-
Ore Charged : 100 g plex systems with increasing accuracies, incorporating greater real-
osl Particle Size : 38-150 um ® istic detalils.

o
Veo/Vay/Vy, (em/min) It is further noted that this ability to simulate complex systems

T,=1050C, Vo=Vg, =V,
Ore Charge : 100 g

Density Function

bed (all flow rates)

0 10 20 30 40 50 60 70 80
Particle Radius (um)

1.0 - T T T T

graduate students and research associates, many of whom are Kore-
. X ans, for making it possible to obtain fruitful research results. Many

(O —— 300/600/0 in greater details specific to each system will result in the merging
E T gggﬁggggg of many sub-disciplines of chemical engineering. The separate treat-
§ 06T at 25T, 86.1 kPa /[] ments of individual aspects, such as fluid flow, reaction rates, and
4 / heat/mass transfer, in a complex process will be replaced to an in-
% creasing extent by more realistic and detailed quantitative analysis
O o4l O / _ by means of mathematical formulations that simultaneously incor-
/ porate a combination of the appropriate sub-disciplines.
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