Korean J. Chem. Eng., 30(11), 2068-2077 (2013)
DOI: 10.1007/511814-013-0148-y

Determination of cost-effective operating condition for CO, capturing
using 1-butyl-3-methylimidazolium tetrafluoroborate ionic liquid

Emad Ali*', Inas Alnashef*, Abdelhamid Ajbar*, Sarwono Mulyono*, Hanee Farzana Hizaddin**,
and Mohamed Kamel Hadj-Kali*

*Chemical Engineering Department, King Saud University, P. O. Box 800, Riyadh 11421, Saudi Arabia
**Department of Chemical Engineering, University of Malaya, 50603, Kuala Lumpur, Malaysia
(Received 24 April 2013 « accepted 5 August 2013)

Abstract—1-Butyl-3-methylimidazolium tetrafluoroborate ((BMIM][BF4]) ionic liquid (IL) is considered for CO,
capturing in a typical absorption/stripper process. The use of ionic liquids is considered to be cost-effective because
it requires less energy for solvent recovery compared to other conventional processes. A mathematical model was de-
veloped for the process based on Peng-Robinson (PR) equation of state (EoS). The model was validated with experi-
mental data for CO, solubility in [BMIM][BF4]. The model is utilized to study the sorbent effect and energy demand
for selected operating pressure at specific CO, capturing rates. The energy demand is expressed by the vapor-liquid
equilibrium temperature necessary to remove the captured CO, from the spent solvent in the regeneration step. It is
found that low recovery temperature can be achieved at specific pressure combination for the absorber/stripper units.
In fact, the temperature requirement is less than that required by the typical monoethanolamine (MEA) solvent. The
effect of the CO, loading in the sorbent stream on the process performance is also examined.
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INTRODUCTION

It is widely accepted that global warming is occurring. Many scien-
tists believe that the major cause is the emission of greenhouse gases
(GHGs), such as carbon dioxide (CO,), nitrous oxide and methane,
into the atmosphere. Among these GHGs, CO, is the largest con-
tributor in regard to its amount present in the atmosphere, contrib-
uting about 60% of global warming effects [1]. Consequently, CO,
capture and sequestration from fossil-fueled power plants is draw-
ing increasing attention as a potential method for controlling green-
house gases emissions. Among different developed methods, post-
combustion capture has the advantage that it can be applied to retrofit
the existing power plants. The most mature technology for CO, post-
combustion is amine-based absorption due to the high affinity of
amines (MEA, MDEA and DEA) to CO, [2-7]. However, the sol-
vent recovery in this process for reuse becomes very expensive in
terms of energy requirements since the amine-based absorption be-
longs to the chemical separation methods which demand intensive
energy to break the chemical bonds between the absorbents and
the absorbed CO, in the regeneration step [8,9]. Therefore, it is benefi-
cial to find alternative solvents that combine high affinity for CO,
with easier solvent regeneration and reuse.

Ionic liquids have emerged as promising alternatives and have
gained increasing attention as highly potential candidates to replace
amine-based solvents when Blanchard et al. discovered the high
solubility of CO, in ionic liquids [10]. Tonic liquids are molten salts,
liquid at room temperature, that consist of a combination of asym-
metrical large-sized cations with smaller, more symmetric anions.
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Ionic Liquids have several advantages, including (i) negligible
vapor pressure, which leads to zero emission of volatile organic com-
pounds, (ii) high thermal and chemical stability, which leads to ionic
liquids having a wide liquidus range, and (iii) non-flammability. They
are also known as ‘designer solvents’, originating from several com-
binations of cations and anions, tunable for a specific application.
Another relevant advantage for our specific purpose is the low energy
demand to extract the absorbed CO, from ILs in the regeneration
step, which is attributed to a physical absorption mechanism [11].

In this work, numerical simulations are performed to study the
CO, capture using conventional 1-butyl-3-methylimidazolium tet-
rafluoroborate [BMIM][BF4] ionic liquid. It is widely accepted that
the anion of the ionic liquids has a greater influence towards CO,
solubility in ILs, while the role of the cation is secondary [12]. The
solubility of CO, in [BMIM]-based ionic liquids with different anions
increases in the order [NO; | <[DCA] <[BF4] <[PF6] <[CF;SO,] <
[TEN] <[methide]” [13]. Kazarian et al. reported in situ ATR-IR
spectroscopy data which discovered that the anions [BF4] and [PF6]
have favorable interaction with CO, [14]. Moreover, Jacquemin et
al. [15] reported solubilities of several gases in [BMIM][BF4] at
low pressure. It was found that the solubility of gases follows the
order of H,<CO<N,<0,<Ar<CH,<C,H<CO, with CO, having the
highest solubility, and thus highest selectivity against other gases.

Therefore, even though other ionic liquids have shown better CO,
solubility, the selection of [BMIM][BF4] for this study was moti-
vated by (i) the rich database of consistent experimental results avail-
able in the literature, (ii) its high selectivity for CO, as well as (ii) its
ease of synthesis, and (iv) its relatively low price in comparison to
other ILs.

The solubility of CO, is determined using the homogeneous ap-
proach based on the PR EoS. Using the developed model, paramet-
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ric estimation study is performed to compare the energy require-
ments for the process through investigating the effects of stripper
operating temperature, CO, removal percentage, the CO, lean sol-
vent loading and the rich solvent loading. The thermodynamic model,
which is the core of the process, is used to estimate the equilibrium
constant and vapor-liquid equilibrium necessary to carry out the
parametric study.
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Many researchers have used The PR EoS to estimate the vapor-
liquid equilibrium (VLE) [16]. This equation is suitable to handle
systems containing hydrocarbons, water, air and combustion gases,
the typical components in a natural gas based power plant. Other
applications to mixtures containing CO, are reported. Harvey [17]
used the PR EoS for VLE calculation for water with synthesis gas
mixtures. Tombokan [18] reported successful application for polar

Table 1. Summary of previous publications where the Peng-Robinson EoS was used with ionic liquids systems

f/;)os(;ghxmg rule/Activity Coefficient System T aa(r;ge lz ;/[agff Reference
Generic RK EOS+empirical function CO,+[C,mim][PF] 283-348 Upto2 [17]
for “a”+modified vdW-Berthelot CO,+ [C;mim][BF,]
mixing rule
PR/Wong-Sandler/UNIQUAC CO, & CHF3 & hydrocarbons in ILs ([C,mim][PF¢], = 298-333 0.8-64 [20]
[C,mim][NO;] [C,mim][BF,]
PR/Wong-Sandler/UNIQUAC CO,+[C,mim][bti] 293-363 0.6-50 [21]
CO,+[Csmim][bti]
PR/Wong-Sandler/UNIQUAC CO,+[C,mim][bti] 293-363 0.6-50 [22]
CO,+[C,mim][DCA]
PR/Wong-Sandler/van Laar CO,+[C,mim][NO;], [C;mim][BF,], [C,mim][DCA], 313 & 333 1.2-12 [23]
[C,mim][TfO], [C;mim][methide], [C;mim][bti],
[Csmim][bti], [Cgmim][bti]
PR/Wong-Sandler/NRTL CO, with N-methyl-2-hydroxyethylammonium 293-353  Upto 80 [24]
formate and N-methyl-2-hydroxyethylammonium
acetate
Peng-Robinson/Stryjec-Vera EoS/ 17 binary mixtures of ionic liquid+gas 298-363  Upto 97 [26]
Wong-Sandler/van Laar
PR-Kwok Mansoori CO, with either [Csmim][PF;], [C,mim][EtSO,], 313-323 14-97 [25]
[Csmim][bti], [Cgmim][BFE,], [C,mim][PF],
[C;mim][NO;]
PR+van der Waals 2-parameter mixing CO,+C,mim|bti] 298-345 1.2-15 [27]
rule CO,+Cgmim|[bti]
CO,+C,;mim[bti]
PR+van der Waals mixing rule CO,+[Cgmpyr][bti] 303-373 0.5-48 [28]
CO,+[Csmpyr][bti]
Peng-Robinson equation of state along ~ CO,+[C,mim][BF,] 293-323 2-10 [29]
with two-parameter mixing rules
PR and quadratic mixing rule with CHF; in ILs [30]
parameters a and b modified by
Adachi and Sugie
PR with quadratic mixing rule CO,+[C,mim][bti] 298-368 Up to 45 [31]
PR with quadratic mixing rule CO,+[BMP][TfO], ([P14,6,6,6]-[bti] 303-373 Up to 70 [32]
PR with quadratic mixing rule CO,+C,mim[Cl] 353-373 Up to 40 [33]
PR/van der Waals one-fluid mixing rule R-134a in [Cqmim][bti], [C;qmim][PF(], [Cimim][BF,], 298-373 Upto 14.3 [34]
[Com][bti]
PR/van der Waals one-fluid mixing rule CQO,, 1-bromohexane, 1-methylimidazole and 1- 313 & 333 1-16 [35]
hexyl-3-methylimidazolium bromide ([Cymim][Br]
PPR78 N,O+[C,mim][BF,], [C4mim] [SCN], [C,;mim][MP], 293-373 Up to 30 [36]
[(OH)2IM][bti]
PPR78 CO,+[C,mim] [BF,], [Cymim] [SCN], [C,;mim] 293-373 Up to 30 [37]
[MP], [(ETO)2IM][bti]
PR with Mathias-Klotz-Prausnitz CO,+1-propanol+C,mim[bti], CO,+ 1-propanol 313 Upto 14 [38]

mixing rule, SRK with Mathias-
Klotz-Prausnitz mixing rule

+C,,mim[bti], CO,+ 1-propanol+C,mim[tfo],
CO,+C,jmim[bti]
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systems, systems containing gases (CO,, CH, and C,H,) with n-
alkanes, sterols and vitamins in CO,. Greer [19] also utilized PR
EoS to estimate the VLE for CO,-MEA mixtures in order to design
the CO, absorber column. Similar effort was also reported by Lars
[20].

In 2005, Shiflett and Yokozeki claimed to be the first to use a
cubic equation of states to model CO, solubility in ionic liquid [21].
They used a generic Redlich-Kwong (RK) EoS with an empirical
function of the parameter ‘a’ and modified van der Waals-Berthe-
lot mixing rule to model CO, solubility in two imidazolium-based
ionic liquids. They predicted the phase behavior, Henry’s constant
and volume change of solutions.

Moreover, the PR thermodynamic model is well tested with exten-
sive experimental data and has been used successfully in VLE repre-
sentation of many systems involving ionic liquids. Maia et al. [22]
did a comprehensive review on the use of various equations of state
to describe the behavior of CO, and other gases in ionic liquids.
Earlier in 2010, Vega et al. [23] also published a review on the mod-
eling works used to describe solubility of gases in ionic liquids. Table
1 shows a summary of previous works where the PR EoS was used
to model solubility of CO, in various ionic liquids at different tem-
perature and pressure ranges with the mixing rules and/or activity
coefficient models used in each references.

As can be seen in this table, the PR EoS is most frequently used
in modeling the CO,-IL systems combined with different mixing
rules and either with or without activity coefficient models. Alvarez
and Aznar [24] were the first to use the combination of PR EoS with
Wong-Sandler mixing rule and UNIQUAC model to model CO,
and other gases solubility in ionic liquids with the purpose of per-
forming a consistency test. Later, Carvalho et al. [25,26] adopted
the same combination of EoS/mixing rule/activity coefficient model
to perform a consistency test on systems with CO, and imidazo-
lium-based ionic liquids at pressures up to 50 MPa.

On the other hand, Valderrama et al. [27] developed another ap-
proach for performing a consistency test for systems with CO, and
ionic liquids, but this time with a combination of PR EoS with Wong-
Sandler mixing rule and van Laar model. Later in 2011, Mattedi et
al. [28] adopted the combination of PR EoS with Wong-Sandler
mixing rule and NRTL model to describe the solubility of CO, in
ammonium-based ionic liquids. Recently, Valderrama et al. [29] used
PR EoS with the Kwak-Mansoori mixing rule to model CO, solu-
bility in imidazolium-based ionic liquids, and the results of the model-
ing are compared against using different combinations of equation
of state, mixing rules and activity coefficient models. Arce et al.
[30] described 17 binary mixtures of gases and ionic liquids using
another variation of PR EoS, named Peng-Robinson/Stryjec Vera
(PRSV) EoS where the Wong-Sandler mixing rule and van Laar
model were coupled.

PR EoS can also be used without the combination with activity
coefficient models to describe solubility of CO, and other gases in
ionic liquids. Ren et al. [31], Yim et al. [32] and Hwang et al. [33]
each used the PR EoS with van der Waals mixing rule to describe
solubility of CO, in ionic liquids. Shariati and Peters [34] used PR
EoS with quadratic mixing rule to describe the solubility of fluoro-
form in ionic liquids. Similar combination was also adopted to de-
scribe solubility of CO, in ionic liquids by Shin et al. [35], Song et
al. [36] and Jang et al. [37]. Meanwhile, Ren and Scurto [38] and
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Nwosu et al. [39] used PR EoS with van der Waals one-fluid mixing
rule to describe the solubility of the refrigerant R0134a and CO, in
ionic liquids, respectively.

Revelli et al. [40,41] used the Predictive Peng-Robinson EoS
(PPR78) to describe the solubility of nitrous oxide and CO, in ionic
liquids, respectively. Bogel-Lukasik et al. [42] described binary and
ternary systems of CO, and 1-propanol in ionic liquids by using
both the PR and Soave-Redlich-Kwong (SRK) EoSs with Math-
ias-Klotz-Prausnitz mixing rule.

Thus, it can be safely concluded that the PR EoS is widely used
to describe mixtures of CO, with ionic liquids.

THE ABSORBER MODEL

A schematic description of the CO, capturing process is depicted
in Fig. 1. The process consists of an absorber followed by a stripper.
In the absorber, the lean sorbent is fed to extract the CO, in the flue
gas. The contaminated sorbent is then sent to the stripper for regen-
eration where the exact amount of CO, captured is assumed to be
released in the top product. The regenerated solvent is recycled back
to the absorber. In this work the stripper is treated as a simple flash
drum where it is assumed that the required amount of CO, to be
released occurs at a specific VLE condition. The flue gas is mainly
air with some amount of CO, and water vapor. It is assumed that
only CO, is miscible in the solvent and that transfer of liquid species
to the gas phase is negligible. The CO, transfer to the liquid phase
is only due to physical absorption--no chemical reaction occurs.

The absorber is a multistage countercurrent column as shown in
Fig. 2. Assuming steady state and adiabatic conditions, the typical
component balance for stage i is given as follows:

Gin¥intLioxi =Gy +Lx; Q)

In terms of inert free flow rates, which is valid since only CO, is
transferring,

G Yis1 4L Xt _ i X

G2 +L—— )
1=y 1=-x; -y, 1-x
CO; product

- >

Air Sorbent Sorbent

CO; ¥ CO; CO,

H:0

l«—— Sorbent .
Absorber Stripper

Air 1 Sorbent
COz COZ
H0 Rich solution Lean solution

Fig. 1. Schematic of the CO, capturing process.
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The gas feed conditions are well defined. Specifically, the feed
flow rate is taken to be 12,000 mol/h, with 5% CO,, 1% water vapor
and the rest is air. CO, removal efficiency will be taken to be 0.85.
These operating conditions are within the range used in literature
[5,6,19]. Therefore, given the CO, removal efficiency and assum-
ing that only CO, is absorbed by the liquid phase, the gas outlet con-
dition can be exactly determined using the overall mass and com-
ponent balances. Since the component mole fraction in the gas phase
is related to the liquid phase via Eq. (3) and since the end condi-
tions of the gas feed are known, the remaining unknown variables
are the liquid phase mole fractions and the solvent flow, L. In this
case, the number of unknown variables is N+1. Because N com-
ponent material balance equations can be written, an additional given
relation must be defined. The equilibrium constant, K; in (3) will
be determined via VLE analysis as described in the next section.

THE THERMODYNAMIC MODEL

When a liquid mixture is in equilibrium with its vapor at fixed
temperature and pressure, the thermodynamic equilibrium is ex-
pressed by the equality of the fugacity f in both the liquid and vapor
phases for every component i:

£ i=1, -, nc @)

The homogeneous approach (¢— ¢ method) was adopted to cal-
culate the fugacities for each component in both liquid and vapor
phases as follows:

ff :Xi¢fP’ f}VZYi¢:/P ®)

1

The VLE calculation in this case is an iterative procedure where
the liquid and vapor mole fraction are determined at fixed temper-

ature and pressure such that the condition in (4) in addition to the
following conditions,

;XFL ;y,:l ©)

is satisfied. Once the VLE is satisfied, the CO, solubility in the specific
IL is taken as its mole fraction in the liquid phase, i.e. X .

Mixing rules are required to calculate A and B (from a and b)
and extend the application field of equation of state to mixtures. In
this work, the classical mixing rule of the van der Waals was used:

i=lj=

nc nc nc
A=) IYinA/ AA(1-ky), B= ;yiBi )]

where k; is the binary interaction parameter adjustable to fit the experi-
mental VLE data.

CO, can be physically absorbed in a solvent according to Henry’s
law, applicable to gases with high partial pressure. The solvent regen-
eration step is relatively simple for physical absorption as it is carried
out by decreasing the pressure. In this work, the solubility of CO,
in 1-butyl-3-methylimidazolium tetrafluoroborate is determined by
the VLE analysis using the PR EoS defined by the general expres-
sion [43,44]:

RT a

P s Y vib)+b(v_b) ®

where a, and b are a function of the critical properties of the chemi-
cal species. The properties of CO, and 1-butyl-3-methylimidazolium
tetrafluoroborate required for the calculation are listed in Table 2.
Data for CO, are taken from the ASPEN database, while for ionic
liquids the estimated pseudo-critical properties are taken from the
work of Valderrama et al. [45] who developed a group contribution
method to obtain these properties.

By introducing the compressibility factor, Z=Pv/RT, Eq. (8) can
be rearranged into a cubic equation and solved numerically at fixed
temperature and pressure to obtain the component fugacity coeffi-
cient for each phase [43]:

¢i:exp[(Z—l)§B-i ~In(Z-B)

A (zgyiAl;f_B_i ln(z+(1+ﬁ)B) 0
228l A BJ\z-(1-42)B
_aP o _bP
Where A,= (RT)Z’ =RT

After solving the above Eq. (5), the largest and smallest roots of
the cubic equation are used to compute the vapor and liquid phase
fugacities, respectively. The mixing rule used in Eq. (5) includes
the binary interaction parameters to account for mismatch between
the experimental values and the model predictions. For binary mix-

Table 2. Pure component properties of CO, and 1-butyl-3-meth-
ylimidazolium tetrafluoroborate

Component T. (K) P. (atm) 10}
[BMIM][BF4] 632.3 204 0.8489
CO, 304.2 73.8 0.224

Korean J. Chem. Eng.(Vol. 30, No. 11)
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ture like the one handled in this paper, this parameter reduces to a
single variable. It is optimized in this work with experimental data
found in the literature. In due course the solubility prediction is cast
as an optimization problem. The following optimization will be con-
sidered here as follows:

min g=(xco, =X’ (10)

The objective function is subject to constraints represented by
Egs. (5) and (6). In Eq. (10), x; and y; are the component mole frac-
tion in the liquid and gas phase, respectively; X, is the experimental
value for CO, solubility in the liquid salt.

Validation of the solubility of CO, in 1-butyl-3-methylimidazo-
lium tetrafluoroborate against experimental data is shown in Fig. 3.
The experimental data is taken from [15]. The entire VLE calcula-
tion is carried out using MATLAB software. Extrapolation of the
validated thermodynamic model to estimate the CO, solubility at
selected temperature and pressure is shown in Figs. 4 and 5. Both
figures show reasonable trends as the solubility increases with increas-
ing the pressure and/or decreasing the temperature of the mixture.
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Fig. 3. Validation of the PR Eos model against experimental data.
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Fig. 4. Variation of CO, solubility in 1-butyl-3-methylimidazolium
tetrafluoroborate with selected pressures at 40 °C.

November, 2013

0.02 .

0.018

e 2
o o
4+ =)

<
=
o

0.01 he

CO, solubility, (mole/mole)
L ]

0.008 .

0.006, 20 40 60 80 100

Temperature (K)

Fig. 5. Temperature effect on CO, solubility in 1-butyl-3-methylim-
idazolium tetrafluoroborate at 1 atm.

THE STRIPPER MODEL

The PR equation of state is further utilized in this work to carry
out flash calculation for the flash drum which is assumed to repre-
sent the stripper unit. The flash calculation involves determining the
vessel temperature and the corresponding equilibrium liquid and
vapor composition at fixed pressure and given feed conditions. More-
ovet, the calculation will determine the portion of the feed that vapor-
ized. This is another numerical iteration that involves satisfying the
conditions set by Egs. (4) (5) and (6) in addition to the Rachford-
Rice equation:

re z(K;=1)

,-:211+/1(K,.-1)‘0 (10)

where 7, is the mole fraction of the stripper feed, K~=y/x; is the equi-
librium constant, and A is the molar ratio of the produced vapor to
the feed.

To ensure that the amount of CO, extracted in the flash drum equals
exactly the amount captured in the absorber column, the following
constraint is also added to the flash calculations:

AFy 0 —CO,,, =0 (11)

cap
where F is the molar flow rate of the flash feed (rich solution), y,,,
is the mole fraction of CO, in the vapor flow rate (CO, product), and
the CO,,, is the amount of CO, captured in the absorber column. The
purpose of the flash calculation is to determine the energy require-
ment for regenerating the solvent in terms of the flashing tempera-
ture. Therefore, the temperature will be a measure of the cost ef-
fectiveness of the IL used for CO, capturing. The energy require-
ment for regeneration is based only on overcoming the physical
absorption, i.e., to vaporize specific amount of the CO, in the rich
solution. This means that the energy required to overcome the chem-
ical reaction, if any, is not considered. The entire numerical flash
calculations were carried out using MATLAB software.

RESULTS AND DISCUSSION

The given IL has different levels for CO, solubility with respect
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to the temperature and pressure as shown in Figs. 4 and 5; conse-
quently, it will have different effect on the CO, capturing process.
It is believed that higher solubility will consume less sorbent. How-
ever, the energy required to extract the CO, from the rich sorbent
in the desorption column will be higher. The effect of the process
operating pressure and temperature to reverse the absorption was
examined to determine the most economical operating condition.
First CO, is captured in the absorption column at specific pressure
and then the operation is reversed at the stripping column by either
lowering the pressure or increasing the temperature. The simulta-
neous effect of the pressure of both units, i.e., the absorber and the
stripper columns, was investigated.

To solve the absorber mass balance equations, one degree of free-
dom should be specified. In this work, we have examined three cases:
(i) fixing the CO, mole fraction in the absorber outlet stream (rich
sorbent effluent), x,, (ii) fixing the CO, mole fraction in the absorber
feed (lean sorbent influent), x, and finally (iii) fixing the sorbent
flow rate, L.

]
(]
]

(b)

—®— Rich sorbent
—o— Lean sorbent

= (=]
3 ]
p

=

CO, loading

COx1000
(kmole/hr)
K

L]

o o o
S 4

3 4 5 6 7 8 9 10
Absorber pressure (atm)

Fig. 6. Effect of pressure on the absorption rate at x,=0.2, =85%,

200
150
100
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0 3 4 5 6 7 8 9 10

Absorber pressure (atm)

T=25°C.
350
- I’r 4 atm
300 -I’r. 3 atm
El‘f 2 atm
250 -I‘r 1 atm

Stripping temperature (K)

Fig. 7. Effect of absorber and stripper pressure on the recovery
temperature at x,=0.2 and f=85%.

For the first case, the CO, loading in the rich sorbent was fixed
at x,=0.2 and 0.3. Figs. 6 and 7 illustrate the simulation results for
the case when X, is set to 0.2. In fact, the absorber model (Egs. (1)
to (3)) is solved at various pressure values with x,=0.2, T=25°C
and CO, to determine the corresponding sorbent flow rate and the
CO, loading in the leans solvent stream. The equilibrium constant
(K) required by the absorber model is determined by the VLE model
at the specified temperature and pressure. Fig. 6 depicts the effect
of increasing the absorber pressure. As the pressure increases, CO,
solubility in the IL increases leading to less demand for the sorbent
flow rate. At low pressure of 3 atm, the sorbent demand grows sub-
stantially as the CO, loading in the lean solvent stream approaches
that of the rich stream. Numerical solution of the absorber model
below 3 atm is not feasible because it requires X, to exceed x,, which
is physically impossible. In fact, it is reported in [6] that the operat-
ing pressure of the absorber column should be more than 9 atm for
CO, capturing by physical absorption. Fig. 7 shows the effect of
the absorber and stripper pressure on the flash temperature required
to release exactly the same amount captured in the absorber col-
umn. Note that the stripper pressure could be equal or less than the
absorber pressure. It is obvious and logical that increasing the strip-
per column pressure requires higher temperature for the specified
separation. Similarly, using high pressure on the absorber column
will affect the separation temperature at the stripper stage. The effect
is indirect, which is caused by the condition of the stripper feed.
By inspecting Fig. 6, it can be seen that at higher absorber pressure
the sorbent flow contains less amount of CO, than that at low pres-
sure. Consequently, the amount of CO, to be released which is equiva-
lent to that captured upstream becomes a large portion of the rich
sorbent stream, i.e., the stripper feed flow. Therefore, higher energy
is needed to spate larger ratio of the stripper feed. On the other hand,
as indicated by Fig. 7 very low temperature is required to recover
the captured CO, because its amount becomes very small com-
pared to the total amount of CO, in the sorbent stream. It should be
clear that the amount of CO, to be recovered from the rich solvent
in the stripper is different than the total amount of CO, in the same
stream. The amount to be recovered is fixed to the amount cap-
tured in the absorber column regardless of the absorber and/or stripper
operating pressure. Moreover, the considerable amount of CO, at
low absorber pressure should not be confused by the solubility factor.
It is true that at low pressure the solubility decreases hindering the
solvent stream from attracting more CO,. However, the large amount
of CO, at low pressure is due to the propagated amount of solvent
flow. Nevertheless, operating the absorber column below 5 atm is
undesirable because it requires huge solvent flow and very low sepa-
ration temperature, which is physically unacceptable although it is
numerically feasible. In conclusion, Fig. 7 indicates that in order to
operate the process around moderate separation temperature of 300 K
to avoid the excessive energy required by the MEA process, the
absorber column should operate around 9 or 10 atm and the strip-
per at least at 3 atm.

To study the effect of the CO, loading in the rich sorbent on the
process behavior, the above simulation is repeated with x, being
fixed at 0.3. The result is shown in Fig, 8. It is found that using higher
value for x, allows for lower value for the absorber pressure as much
as 2 atm. However, unrealistic operation is still observed at low col-
umn pressure in Fig. 9, i.e., very low separation temperature, high
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Fig. 8. Effect of absorber and stripper pressure on the recovery
temperature at x,=0.3 and f=85%.
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Fig. 9. Comparison of stripping temperature for x,=0.3 and 0.2
at P=1 atm and f=85%.

solvent demand and large CO, content in the absorber effluent. The
latter is not shown here for brevity. Interestingly, the required strip-
ping temperature is lower than that obtained for x,=0.2 except at
10 atm, where a sudden jump is observed. Moreover, the flashing
temperature at that case is much higher than that reported for x,=
0.2. The larger temperature demand is attributed to the CO, content
in the stripper feed flow rate (rich sorbent) as confirmed in Fig. 9(c).
The figure compares the stripping temperature for the above two
cases when the stripper pressure is fixed at 1 atm. Similar results
can also be shown for the other operating pressures. In this diagram
(Fig. 9), the stripping temperature shown in Figs. 8 and 7 are re-
plotted against the ratio of the CO, to be removed to the total CO,
in the rich sorbent flow instead of the absorber pressure. Hence,
Fig. 9(c) indicates that for x,=0.3, the CO, content in the rich sorbent
at P, =10 atm becomes very small and almost equal to the amount
to be removed. This explains why much high flashing temperature
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Fig. 10. Effect of CO, recovery efficiency on the stripping temper-
ature when x,=0.3.
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Fig. 11. Effect of pressure on the absorption rate at x.=0.01, =85%,
T=25°C.

is needed.

The above analysis was carried out at fixed CO, removal effi-
ciency of 0.85. It is interesting to study the process behavior at dif-
ferent levels of removal capacities. Fig. 10 shows this behavior. It
is obvious that the required separation temperature increases when
higher efficiency is required. For example, 95% removal capacity
may necessitate considerable energy as the flashing temperature
approaches 500 K. Therefore, to reduce the energy requirement at
high removal efficiency one can consider operating at lower oper-
ating pressure. Fig. 9 shows that at P,=6 atm and P,=4 atm, 95%
efficiency can be achieved at stripping temperature as low as 300 K.

Next, we examined simulating the process for fixed CO, load-
ing in the lean solvent. In this case, x, will be held at 0.01 and the
absorber and stripper models along with the thermodynamic model
are numerically solved for =85% and different values of pressure
to determine the solvent flow rate (L), rich sorbent loading (x,) and
the required flashing temperature. Figs. 11 and 12 illustrate the out-
come of such simulation. In due course, remarkable results are ob-
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Fig. 12. Effect of absorber and stripper pressure on the recovery
temperature at x,=0.01, {=85%.

served. It is found that the absorber cannot operate at pressure lower
than 4 atm as the numerical solution does not provide feasible solu-
tion. Fig. 11(c) shows that at P,=4 atm, the amount of CO, in the
rich sorbent is almost equal to the amount to be captured at f=85%.
Therefore, going below 4 atm, the specified removal efficiency can
be attained. In addition, Fig. 12 indicates that the stripping temper-
ature for all pressure values is higher than 300 K and much higher
than those reported in the previous simulations. Moreover, the varia-
tion of the intended stripping temperature varies marginally with
the absorber pressure. The answer for these phenomena is given in
Fig. 11, which shows that very small amount of CO, is absorbed
over the entire range of operating pressure. Therefore, the ratio of
the amount of CO, to be released in the stripper to the total amount
of CO, in the stripper feed for all values of the pressure is very high.
It should be noted that at the given operating condition and removal
efficiency, the amount of CO, captured is 510 kmol/h. As discussed
earlier, this situation entails elevated energy. Furthermore, the vari-
ation of the CO, content in the stripper feed over the range of pres-
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Fig. 13. Effect of pressure on the absorption rate at L=CO,cap/m,

1=85%, T=25 °C.
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Fig. 14. Effect of absorber and stripper pressure on the recovery
temperature at L=CQ,cap/m, {=85%.

sure values is minor. Hence, the variation of the needed flashing
temperature will also be small over the given range of operating
pressure.

Finally, the influence of fixing the solvent flow rate on the pro-
cess performance was investigated. Instead of fixing L randomly, it
was taken as the ratio of the amount of CO, to be captured to the
CO, solubility factor: L=CO,cap/m. The results of this simulation,
depicted in Figs. 13 and 14, emphasize the fact that lower absorber
pressure values causes unrealistic outcomes. The unique finding is
the possibility to attain feasible solution at low absorber pressure of
1 atm. In this situation, the solvent flow rate is allowed to vary with
the column pressure via the solubility factor. This will allow the
use of huge amount of sorbent at low pressure; consequently, large
amount of CO,, even more than is desired, can be carried out with
the solvent.

The interesting finding is that the temperature requirement for
this type of IL can be maintained much below 100 °C by adjusting
the absorber/stripper operating pressure. For comparison, it is reported
that the temperature required for CO, capturing using MEA reaches
120 °C even when the stripper is operating as low as 1 atm [5-7,46].

CONCLUSIONS

This work is an attempt to study the use of ILs in a typical CO,
capturing process. The recovery operation is modeled based on the
well-known PR equation of state, which is validated using the exper-
imental solubility of CO, in 1-butyl-3-methylimidazolium tetrafluo-
roborate IL. Parametric investigation is carried out using the de-
veloped model to determine the solvent and energy demands to re-
cover specific amount of CO, from the flue gas using 1-butyl-3-
methylimidazolium tetrafluoroborate. The energy demand is repre-
sented by the VLE temperature necessary to emit the captured CO,
from the spent solvent. The simulation results indicated that the ab-
sorber column should run at pressure higher than 8 atm to obtain
physically feasible operation. Moreover, the stripper column should
operate within 1-2 atm to minimize the energy requirement neces-
sary to regenerate the captured CO,. In general, the energy require-
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ment of the stripper used to flash the CO, out of the IL is less than
that demanded to separate the captured CO, from MEA solvent in
the amine-based processes. This finding may not be valid when the
energy requirement for the entire process is considered. Further-
more, the energy demand increases as the CO, content in the rich
sorbent decreases. In other words, the energy needed to release the
captured CO, in the stripper does not only depend on the CO, solubil-
ity but also on the amount of CO, present in the stripper feed.

LIST OF SYMBOLS

a, b, A, B : parameters of the PR equation of state for pure fluid and
mixture
.» - amount of CO, captured in absorber column
: molar flow rate of the flash feed
: fugacity of species I in phase p
: gas phase flow rate
: component identifiers
: equilibrium constant of component i
: binary interaction parameter between i and j
: liquid phase flow rate
: number of components
: absolute pressure
: stripper pressure
: universal gas constant
: absolute temperature
: the molar volume
: mole fraction of component i in the liquid phase
: CO, loading in the lean solvent
: mole fraction of component i in the vapor phase
: mole fraction of component i in the feed mixture
: compressibility factor
: ratio of the produced vapour to the feed
: fugacity coefficient of component i in the phase p
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