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Abstract—A dynamic model was developed to investigate the impact of operating conditions on the main output
variables of the fluidized catalytic cracking (FCC) process with a high-efficiency regenerator and to determine the opti-
mal amounts of operating variables, at the Abadan refinery FCC unit in Iran. To determine the rate constants in the
developed kinetic model and other related constants in the developed model, a wide range of industrial data were gath-
ered from the targeted process over several months. Through applying an adjusted dynamic model, the effect of grad-
ual increases in feed preheat temperature (350-500 K) on the yield of gasoline and LCO was investigated, and increases
in both yields were observed. The effects of sudden changes in feed preheat temperature, feed and regenerated catalyst
flow rate on gasoline yield were also examined. The results showed that a sudden 6.9% increase in feed, a sudden 30 K
decrease in temperature and a sudden 1.12% decrease in catalyst flow rate resulted in 2%, 0.27% and 0.5% decreases in
gasoline, respectively. Furthermore, potential methods for neutralizing these negative effects on the gasoline yield were
investigated. Finally, the operating conditions were optimized to improve the gasoline and octane number. Three differ-
ent optimization cases were studied. The profitability of the unit increased about $2.5-3.8 million per year. A reduction
in energy consumption of 12,500 to 21,000 Gj/yr was achieved. The amount of feed and the catalyst flow rate were also
decreased by 1.5% and 0.2%-0.9%, respectively.
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INTRODUCTION

One of the most vital upgrading refinery processes designed to
produce light products, such as gasoline and LPG, is the fluidized
catalytic cracking (FCC) process. The riser reactor and the regen-
erator are the two key parts of this process; the riser reactor is the
equipment in which the cracking reactions network occurs and, in
the regenerator, the deactivated catalyst is regenerated. Indeed, the
coke formed on the active sites of the catalyst is burned through
blowing fresh air from the bottom of the regenerator (called com-
bustor section) and eventually the catalyst is regenerated by con-
ducting the combustion reactions. The main product of the FCC
unit is gasoline; about 45% of the world gasoline is produced by
this process and its subsidiary processes [1].

The modeling of FCC units has been studied since 1970. The
pioneering study in this field was conducted by Weekman and Nace
in 1970, in which a three-lump kinetic network was developed and
implemented to model the reactions and estimate the distribution
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yields of different products [2]. The additional three to five-lump
models were also proposed by other researchers [3-14] Subsequently,
a new six-lump kinetic scheme considering the cracking of LPG
to coke, dry gas and the cracking of dry gas into coke was devel-
oped [15]. An eight-lump kinetic model that included VGO, gaso-
line, LPG, butylene, propylene, ethylene, light gases and coke was
presented [16].

In the majority of FCC modeling studies, the regenerator has
been considered as having a two-phase section (bubble and emul-
sion), in which the bubble phase is rich in gas and the emulsion
phase is rich in the catalyst. Few studies were observed on units with
a high-efficiency regenerator. The riser dynamic behavior simula-
tion and models with an adiabatic mode assumption for the riser
have been conducted and were presented considering two phases
for the regenerator [17-19]. Another model presented for the FCC
unit in dynamic conditions considered the riser as a plug flow reac-
tor that made no correct predictions of the CO,/CO ratio [20]. In
another study, a dynamic modeling and simulation of a FCC pro-
cess was presented and structural analysis was performed in order
to investigate observability of the system [21]. In addition to the
riser-reactor and regenerator, the modeling of catalyst transfer lines
was performed, where momentum equations, along with mass and
energy equations, were considered. However, since the FCC unit is
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very complex, this model, in addition to its high precision, is not
suitable for industrial use [22].

A simulation of an FCC riser with a variable diameter was per-
formed and the results showed more gasoline yield [23]. Fernandes
et al. provided a dynamic model including the riser, stripper, regen-
erator and catalyst transfer lines using a six-lump kinetic network
that had been presented in the work of other researchers, in which
the riser was considered as a plug flow reactor [24,25]. In the fol-
lowing, a high-efficiency regenerator designed by UOP that was
divided into three sections (ie., combustor, lift and regenerator)
was modeled with more details to analyze the multiplicity of steady
states [26,27]. Moreover, different catalytic deactivation models were
investigated in terms of their effects on a dynamic model of the
high-efficiency regenerator of an industrial FCC unit designed by
UOP [28]. The model presented in their study was similar to the
model presented by these authors in 2006 and 2007. However, in
this work, the dilute phase in the regenerator (called the freeboard),
was also modeled so that the regenerator was divided into two
phases (ie., the dense phase and the dilute phase), wherein the dense
phase was assumed to be a CSTR reactor and the dilute phase was
modeled as plug flow [25,26].

The unit optimization and the investigation of the effect of the
operating conditions were performed, such as implementing an
optimization process system for the FCC unit using a sequential
quadratic programming (SQP) method. The results showed that,
if the process works in full combustion, it will increase cost sav-
ings and operating profits [29].

Furthermore, the effect of operating conditions on the multiplic-
ity of steady states for the FCC unit was investigated. The results
showed that operating conditions cannot be manipulated to change
the number of steady states [30]. To maximize the FCC unit per-
formance, models for unit optimization were presented in which
the model optimization was based on product maximization by
specifying operating conditions, including mass flows and inlet tem-
peratures. This type of optimization was effective in determining
the optimum operating conditions for maximum production, but
it did not take into account the amount of energy needed to pro-
duce the desired products and the additional investment required
(31,32).

In this context, a dynamic optimizer for an industrial FCC unit
that was developed by performing a numerical analysis and em-
ploying a dynamic mechanical model was also investigated [33].
Estimations were given for the kinetic parameters via non-linear
optimization method. The optimum coke value obtained was lower
than that reported in previous studies. They also investigated the
effect of temperature on VGO conversion. Their results showed
that the conversion of VGO increased at high temperatures [34].
The effect of FCC severity on the concentration profiles of prod-
ucts was investigated and the effects of operating conditions on
various olefins detailed distribution were discussed [16].

Moreover, to curb the research octane number (RON) loss, an
optimization was carried out on a FCC refining process. In this case,
the random forest-based feature selection algorithm was used to
select the main variables, then a hybrid grey wolf optimizer algo-
rithm was employed to minimize RON loss under the appropriate
constraints [35].
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Many research octane number (RON) and products yield im-
provements have been achieved through catalyst development. For
example, this has been done by adding or reducing some elements
to the catalyst of the FCC unit (e.g, vanadium and mordenite) or
by changing the acid/metal balance of the catalyst in the unit. The
results showed that adding these materials increases activity and
selectivity for gasoline. Furthermore, the change in the acid/metal
catalyst balance in addition to the octane number also affects the
liquid yield [36-41]. Also, a bilayer catalyst constituted of amor-
phous silica-alumina layer coated on Y zeolite layer was applied as
a catalyst of FCC unit that increased benzene and toluene yield
and reduced coke formation [42].

In the present study, the Abadan refinery FCC unit was mod-
eled dynamically for a case study, the results of which have been
validated by the industrial plant data. Subsequently, the estimates
of kinetic constants were investigated with the aim of achieving
more precise responses to unit data. The effects of turbulence in
operating conditions, including the effect of gradual increases in
feed preheat temperature on the yield of gasoline and LCO, were
investigated. Furthermore, the effects of sudden changes in feed pre-
heat temperature, feed flow rate and regenerated catalyst flow rate
on the yield of gasoline were also investigated, with suggestions
given on how to neutralize these effects using a dynamic model that
have not been investigated in the previous studies. Moreover, an
optimization process aimed at increasing the gasoline yield, reduce
energy consumption, improve the RON and increase unit profit-
ability was presented. In the current study, RON improvement was
performed through optimising the operating conditions.

PROCESS DESCRIPTION

The FCC unit is one of the most important refineries in which
the heavy feed, the output gasoil from the vacuum column, con-
verts to lighter and more valuable products, such as gasoline, LPG,
LCO and dry gas. In addition, coke is produced due to the burn-
ing of hydrocarbons. The main equipment of the unit consists of
the riser reactor operating at about 793.15 K and the regenerator at
a temperature of about 1,013.15K.

There are two different configurations for the FCC unit: stack
type and the side-by-side type, of which is one of this kind of design
type is a side-by-side FCC unit with high-efficiency regenerator.
Fig. 1 and Fig. 2 represent these two types of design for the FCC
unit. The high-efficiency UOP regenerator design was introduced
in the late 1970s, which minimizes the inherent problems of blend-
ing in bubble bed regenerators [43]. The main difference between
these types of design with the previous designs is in removing the
bubble substrate. In older designs, the regenerators had two regions,
the emulsion and the bubble phases, but high-efficiency regenera-
tors consist of the dense bed and the freeboard.

High-efficiency regenerators are divided into three parts. The
combustor, in which the burning air enters from this section and
is mixed with the spent catalyst from the reactor and the recircu-
lated catalyst, the lift section, which moves the catalysts from com-
bustor to the regenerator vessel, and the regenerator, in which
burning gases are separated from the catalyst and form a dense
bed [27].
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The FCC catalysts are in the form of fine powder particles made
of silica-alumina with an average particle size 75-85 pm.

The hot fresh catalyst and VGO as feed (after atomizing) simul-
taneously enter the riser. Hydrocracking reactions immediately hap-
pen after feed and catalyst contact, so that most reactions occur at

To fractionator
Flue gas

Lift section

Regenerator
& V%
Combustor

Air | Feed

Fig. 1. FCC unit with high-efficiency regenerator.

Riser reactor

Products

Separator

Fig. 2. FCC unit with stack design.

the beginning of the riser at about a few seconds. Then, catalysts
are spent in order to reactivate the move to the regenerator through
the catalyst transport line.

In the high-efficiency regenerator, combustion air is used to burn
the coke on the catalyst. Coke burning operations continue along
the lift section and, after reaching the regenerator, catalysts collapse
and form a dense bed. Note that most of the coke is burned in the
combustor and lift section. In the lower part of the combustor, it is
assumed that just mixing the burning air and the catalyst flows
(spent catalyst and recirculated catalyst flows) occurs without any
combustion reactions, and most of the burning reactions occur in
the upper part of the combustor and the lift section [27]. To burn
the remaining coke in the regenerator, the fluffing air enters the
bottom of the regenerator to form the fluidized bed and burn the
coke; however, this coke burning is to a very low extent compared
to the burning in the combustor and lift section. After the coke is
burned, the regenerated catalysts return to the riser. Gases go to
the freeboard section and then, after reaction between CO and O,,
the flue gas exits from above the freeboard section.

MODELING

Models of the two main equipment of the Abadan refinery FCC
unit, riser reactor and high-efficiency regenerator are presented in
this section.

1. Riser

The plug flow assumption is considered to model the riser reac-
tor. In addition, a six-lump kinetic model is fully implemented to
consider the reactions that occur in the reactive mixture. The applied
pseudo lumps are VGO, LCO, GLN, LPG, FG and coke [22,44].
The pseudo-reaction network is illustrated in Fig. 3. All the reac-
tion rates are first order, except VGO cracking reactions.

The rate of reaction of lump i toward lump j is calculated by Eq.
(1):

E

1= (/)Aijexp(— ﬁ%)(?i” 9]

A

FG

Fig. 3. Kinetic scheme of the cracking reactions occurring in the rise.
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where ¢ is catalyst deactivation function, which is calculated by
the following empirical equation:

p=exp(- a.Ye) @)

The following correlation demonstrates the governing mass bal-
ance equation for each lump and the coke:

0x; F, 0x;
o _Fy %, ®
ot gA.p,, 0z

where x; is weight fraction of the feed, products and coke, t is time,
and z is the axial coordinate. Fy; 0, and A, are feed mass flow rate,
feed density as vapor (the feed atomises before entering to the riser)
and riser cross-sectional, respectively.
The energy balance for the riser is according to the following
correlation:
oT,, F.C,+FC,oT

P mcpmﬁrs + A a_zrx =&AH 4 Tv6o 4

rs

where p,, and C,, are mean density and average heat capacity of
components in the riser, respectively.
2. High-efficiency Regenerator

Coke is considered to be mainly composed of carbon and hy-
drogen when it comes to burning kinetics in the high-efficiency
regenerator. There is also sulfur and nitrogen; however, they can
be ignored due to their insignificance. Therefore, only the burn-
ing of carbon and hydrogen is considered [27].

The main reactions that occur in the regenerator are as follows:

C+%Ozi>CO )
C+0,5CO0, (6)
H+}1021>%H20 %)
c0+%02ﬁ>c02 ®)
cm%ozﬁ;co2 ©

Carbon combustion reactions simultaneously produce CO and
CO,. CO to CO, oxidation can occur in heterogeneous (catalytic)
and homogeneous states [26]. The following equations present the
rate of each reaction [45-47]:

= rc(L) (10)

1+ o
s o
_ 11
2 r‘(l-i— 0') (1)
ES
rgzkgexp(— ﬁ)POZYH (12)

The rates of CO combustion in heterogeneous and homogeneous
conditions are according to following equations:

S S EZ .. . —0.
£ =Kexp(- 22 )P PLe P (13)
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I‘f = T‘Yo} YcoYn,0 (14)

The combustor can be divided into two parts: the lower part and
the upper part. The lower part is where mixing the catalyst flows
and the entering air occurs, while the upper part is where the com-
bustion reactions occur and will then continue in the lift section.
The upper part of the combustor and lift section was modeled
as a plug flow reactor and most of the reactions occur there. Mass
and energy balances for the combustor and the lift section are ac-
cording to the following equations [27]:
Molar balance for gaseous species:

ON§ .
aZLF = ALF(ggLFZj(I;g'gjgi) + gCLFpCZj(rj 19;1))

i=N,, O,, CO, CO,, H,0 (15)

Carbon and hydrogen molar balance:

ON; ‘ .
aZLF =ArpErp 2T 3;1') i=CGH (16)
Energy balance:

.F, .C iLF:—A (612 EAHS) + £, 0.2 (r;AH?))
it iLF™~p; oz LF\“gLF=j\1j j LFPc i\t j
i=N,, O,, CO, CO,, H,0 17)

Overall, the mass balances around the regenerator in order to cal-
culate catalyst bed level and gas inventory are according to the equa-
tions below [28]:
Catalyst inventory:
OW ¢
Sot

Catalyst bed level:
W cRG

Pe gcRGARG

=F 1 p—Ferg—Frarg (18)

Lre 19)

Gas inventory:

OW ¢
_af_ =FoptFirc—FergtZFrYirr

—2{FpgtF,re)Yig 1=C H (20)

The regenerator section consists of two regions, the dense phase,
where the catalysts, after passing through the lift section, separate
from gases and collapse and form a dense bed, and the freeboard,
where only the reaction between CO and CO, occurs in absence
of catalysts.
Dense bed:

This region was modeled as a CSTR reactor. The mass and energy
balances for this phase are studied according to the following equa-
tions [28]:

Molar balance for gaseous species:

aCiRG a
VbedT =N e+ Nigg = Nizg

+ Vbed(ggRGZ 9+ ERGPD. (; 551-)) (21)
j j
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Carbon and hydrogen molar balance:

WcRGaYiRG FCLF

(FepgtFrerg)

Mw Xirgt VpeaberaPe j(r;' 55?;-)

i

i=C, H 22)

1]

Energy balance:
O(W 6Cp Trg+ WiercCp Tra)
ot

+Y o sFer Horp+ FargHarg = Y ckrc(Ferg + Frera) Hekra

=FpHep+FopHop

Equation l
Calculating rate func. | Optimization
& solving the model [~ » func
| Outputs Ib Ob;. func.
/ B.C.: yir (i=0)

l

No
Yes
yrr(end)=yra(j=0)
/ Air inputs F. yrG(j+1)
No
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v s(end)=yrs(i=
yra(end)=yrn(i=0)
ye(i+1)
No

yra(end)

v

Optimization func. |«

/ Initial guess L.

v

Obyj. func. No

v

Obyj. func. < Error

v

Fig. 4. The algorithm for solving the model and optimization.
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0
= ForcHora— (Ferg+ Frera)Herg + Qr + Quoss (23)

Freeboard:
Molar balances for gaseous species:

ON¢ )
== A (1 5) i=N,, 0,,CO,CO, H,0  (24)
Energy balance:
0T g
ZiFiFBCp,E == AFBZ}'(I§g '95;) + DU pp(T e — Tp)

i=N,, O,, CO, CO,, H,O  (25)
METHOD OF SOLVING AND OPTIMIZATION

Fig. 4 illustrates the algorithm for solving the model and opti-
mization. The riser reactor model was solved using the PDEPE
toolbox of MATLAB version R2016a (9.0.0.341360) which solves
PDE equations based on the finite element method with high speed
and accuracy, and the regenerator model was also solved follow-
ing the discretization via Euler method. Evidently, the developed
algorithm solves the modeling problem in three steps: the model-
ing of the riser; solving the regenerator governing equations and
optimization.

After solving the model, kinetic constants were estimated with
the aim of achieving more precise and consistent responses to the
unit data using the objective function presented in Eq. (26), in which
x; is the mass fraction of each component. Finally, the outputs of
the regenerator and the riser sections were utilized for unit optimi-
zation using the Levenberg-Marquardt algorithm, which solves
nonlinear least square problems. Nonlinear least squares methods
iteratively reduce the sum of the squares of the errors between the
function and the observed parameters through a sequence of updates
of the parameter values [48]. In this way, the objective function is
considered in order to model two forms, ie., one maximizing the
yield of production gasoline and the other maximizing the yield of
gasoline and the RON, both of which perform due to the existing
conditions according to the following equations. The appropriate
inequality constraints, which are defined according to the indus-
trial plant operating data, are presented in Egs. (29) to (32). Other
optimization goals included increasing the unit profitability and
reducing the energy consumption.

n Xmudel_x;?lant 2
f(X)ZZ[ l plantl J (26)
i=1 X;
" Xmudelv _Xmax ) 2
f(X):. [ Gusuhr:lux GasaltneJ (27)
=1 X Gasoline
model max 2 model max 2
4| XGasoline ~ XGasolin RON™"-RON
=3 Mo Xl || (RONTRONTY
=1 X Gasoline RON
! u
Fy<Fy<Fy (29)
! u
Ferg<Fr<Ferg (30)
Fl<F,<F" G31)
Ty<T,<Tj (32)
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Table 1. The Abadan refinery FCC unit dimensions

FCC unit dimensions Length (m) Diameter (m)
Riser 25 1.17
Combustor 12.75 6.7

Lift section 13 3
Regenerator 21 94

Table 2. Catalyst heat capacity and flow rates

Parameter Value
Spent catalyst flow rate (kg/s) 466.67
Regenerated catalyst flow rate (kg/s) 464.1
Heat capacity j/(kg K) 1,197.5

where 1 and u are the lower and upper limits of each parameter,
which were considered +2% of the average of each parameter of
the Abadan refinery high-efficiency FCC unit (industrial plants oper-
ate in a certain operating conditions range, and any changes must
be around the same range). In this case, the values are: total feed
flow rate (70-74kg/s), the regenerated catalyst flow rate (457-476
kg/s), spent catalyst flow rate (460-480 kg/s) and feed preheat tem-
perature (483-500 K).

The Abadan refinery high-efficiency FCC dimensions are pre-
sented in Table 1. Heat capacity and flow rates of catalyst are also
presented in Table 2.

RESULTS AND DISCUSSION

The values of the parameters used to solve the model in the
dynamic mode are given in Tables 3 and 4. Our data are industrial
data and were gathered from the Abadan refinery FCC unit over
ten days at the time of unit stability, so the data can be assumed to
be reproducible and the limited deviations are due to accidental
and uncontrollable sources of error. These values include reactor
and regenerator pressure, regenerator and combustor temperature,
the rate of inlet air flow to the regenerator, feed flow rate and feed
density. As shown in the table below; the feed flow enters the riser
at an average flow rate of 72.22 kg/s and an average temperature of
492.85 K. Meanwhile, the inlet air moves toward the combustor at
a flow rate of approximately 61.2 kg/s. The average output tempera-
ture of the unit reactor is 793.25 K and the regenerator temperature
is within the range of 1,011.15K to 1,017.15 K, while the combus-
tor temperature ranges from 949.15K to 956.25 K. The regenerator
pressure was fixed at 1.8 bar and the riser reactor pressure fluctu-
ated between 1.322 and 1.333 bar.

In addition, the industry data on product yields (LCO, gasoline,
LPG, dry gas and coke) taken over ten days are given in Table 4.
Data from the target refinery reveals that gasoline is the main prod-
uct of the unit, with an average flow rate of about 32.1 kg/s.

The catalyst applied in the selected FCC unit is zeolite with a
0.87 SiO,/ALO,; ratio. The catalyst physical properties are presented
in Table 5. ALO, and SiO, comprise the largest share (approxi-
mately 51% and 44%, respectively) of the total catalyst and the rest
are made up of components, such as Fe, V, Ni and CaO. The aver-
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Table 3. Industrial data of the Abadan refinery FCC unit

Day Feed Ii:;:;i Dﬁii ?V:;r I..:lufﬁng I..:lufﬁng Regen.  Combustor  Regen. E:Xl;li mI:ier?C;[:))Iil :?m Feed
(kg/s) (bar) (ke/s) air (kg/s) air (kg/s) temp. (K) temp. (K) press. (bar) temp. (K) temp. (K) Sp. Gr.
1 72.18 1.322 61.25 0.63 0.65 1,011.15 949.95 1.8 493.35 793.15 0.909
2 7215 1.332 61.33 0.61 0.64 1,014.15 954.85 1.8 494.55 793.15 091
3 7211 1.323 61.24 0.61 0.64 1,013.15 954.55 1.8 495.25 793.15 0911
4 7193 1.331 61.2 0.61 0.65 1,013.15 951.35 1.8 495.15 793.15 0911
5 7187 1.323 61.31 0.62 0.65 1,017.15 956.25 1.8 492.25 793.15 0911
6 7205 1.321 61.31 0.62 0.65 1,016.15 956.25 1.8 492.65 793.15 0914
7 7217 1.326 61.16 0.61 0.65 1,015.15 954.25 1.8 492.55 793.15 0913
8 7239 1.333 61.06 0.61 0.65 1,014.15 949.15 1.8 491.25 793.15 0.905
9 7222 1.333 61 0.61 0.65 1,014.15 948.05 1.8 490.65 793.15 0.913
10 7247 1.332 61.07 0.62 0.65 1,012.15 949.85 1.8 490.85 794.15 0.91
Table 4. Industrial data of the Abadan refinery FCC unit products
LCO Gasoline LPG Dry gas Coke
Day Flow rate Mass Flow rate Mass Flow rate Mass Flow rate Mass Flow rate Mass
(kg/s) frac. (kg/s) frac. (kg/s) frac. (kg/s) frac. (kg/s) frac.
1 1391 0.193 32.16 0.446 10.37 0.144 3.01 0.042 5.88 0.081
2 13.81 0.191 31.91 0.442 10.48 0.145 3.06 0.042 59 0.082
3 14.24 0.197 31.84 0.442 10.49 0.145 3.09 0.043 5.97 0.087
4 13.63 0.189 32.18 0.447 10.2 0.142 3.02 0.042 5.99 0.083
5 13.7 0.191 31.83 0.443 10.16 0.141 3.13 0.043 5.99 0.083
6 13.88 0.193 31.98 0.444 10 0.139 3.16 0.044 6.17 0.086
7 13.72 0.190 32.09 0.445 10.2 0.141 3.19 0.044 5.95 0.083
8 13.88 0.192 32.21 0.445 10.15 0.140 3.15 0.044 6.17 0.085
9 13.94 0.193 324 0.449 10.14 0.140 3.21 0.045 59 0.082
10 13.73 0.189 32.42 0.447 10.18 0.140 324 0.045 6.44 0.089

Table 5. The catalyst physical properties of the Abadan refinery FCC

Table 6. The kinetic constants related to the cracking reactions oc-

unit curring in the riser

Parameter Value Reactions Pre-exponential factor Activation energy (J/mol)

ALO; (wt%) 51.1 VGO—LCO  9.31x10° (m’/s/kg) 84.2x10°

SiO, (Wt%) 445 VGO—>GLN  3.5x10° (m’/s/kg) 84.2x10°

Total surface area (SA) (m?/g) 149 VGO—LPG  2.57x10° (m’/s/kg) 84.2x10°

Pore volume (cm’/g) 043 VGO—FG 4.13x10* (m’/s/kg) 84.2x10°

Particle density (kg/m’) 1,220 VGO—CK 4.99x10° (m’/s/kg) 84.02x10°

Average particle size (APS) (ium) 84 LCO—>GLN 29x10* (s 77.1x10°

LCO—CK 6.13x10° (s71) 77.1x10°

GLN—LPG 3.91x10° (s7) 146x10°

age catalyst density, the average particle size of the catalyst, total GLN—FG 1.26x10° (s™') 146x10°

surface area and pore volume, are about 1,220 kg/m’, 84 pm, 149 LPG—FG 1.05x10" (s7") 193x10°

m’/g and 0.43 cm’/g, respectively.
1. Kinetic Parameter Estimations

The estimation of kinetic constants is an influential yet difficult
part of model improvement. Therefore, the error between model
results and industry data was minimized in order to achieve more
accuracy and compatibility with industrial data. To achieve this,
optimization was carried out. The initial estimates of rate constants
were generated based on the data gathered from literature review
of research on FCC units with the closest condition to the target

plant [28,44]. Then the Levenberg-Marquart optimization algo-
rithm was applied as an effective method to solve the proposed
optimization objective function to minimize the error between the
model and the collected industrial data.

The kinetic constants estimated in relation to the cracking reac-
tions occurring in the riser and the reactions occurring in the regen-
erator are represented in Tables 6 and 7, respectively. Since the

Korean J. Chem. Eng.(Vol. 39, No. 7)
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Table 7. Kinetic constant related to the reactions occurring in the

regenerator
Kinetic parameter Value
k& 1.18x10°
et 4.31x10*
dy 7.84x10"
et 2.53x10°
et 1.31x10°
K 4.03x10"
kS 3.89x107"
k¢ 8.45x10"
E& 1.43x10°
EX! 7.92x10"
EY 0.159x10"
Ex! 1.75x10*
EX 2.71x10*
‘s 2.69x10°
s 1.15x10*
B 2.63x10°

al

industrial data were used to determine the coefficients of rate con-
stants and to validate, the kinetic model is suitable to be applied
on FCC plants which are designed based on the high-efficiency
technology with operating conditions including pressure, tempera-
ture, and flow rates.
2. Dynamic Model Results

Fig. 5 shows the model results of the unit, which includes the
mass fraction of the products. It is also clear in the figure that gas-
oline is the main product of the unit. The zero time (0 sec) in the
figures is the start time of the dynamic phenomena and it is not
related to the start-up time of the process or riser-reactor.

The values of parameters, such as heat capacity, enthalpy and
physical properties—including density and molecular weight of each
feed component—have a significant effect on unit performance

Table 8. Model validation results

Output MRE RMSE
LCO 0.0162 0.0036
Gasoline 0.0038 0.0021
LPG 0.0276 0.0041
Dry gas 0.0255 0.0013
Coke 0.0370 0.0034
Temperature 0.0028 0.0239

due to their variation over time and their dependence on various
operating conditions, namely temperature and pressure. Herein, all
of the aforementioned parameters and several others, such as the
height and volume of the fluidized bed and the volume fraction of
the gas and catalyst, were considered as the variables of the operat-
ing conditions and time, thus augmenting the accuracy of the results.

In addition to the parameters mentioned above, residence time
was considered as a function of the input feed flow rate. It was
observed that the residence time variations were between 2.8 and
3.3s. In the section on dynamic analysis and unit optimization, it
was mentioned that changes in feed flow rate change the residence
time of the riser reactor. Therefore, considering this parameter vari-
able increased the accuracy of the obtained results.
3. Results Validation

The validation was performed using mean relative error (MRE),
and root mean square error (RMSE) was calculated through imple-
menting the model results and the plant outputs. As observed in
Table 8, the validation results reveal the high accuracy of the model.
The MRE and RMSE for gasoline as the main product are 0.0038
and 0.0021, respectively. It is indicated that the model outputs are
accurate and consistent with the output data of the selected FCC
unit.

Fig. 6 depicts the graph indicating the trend of the model results
in comparison with the plant data for each component. The results
are evidently in the same range and also have the same trend as the

0.5

Product yield
o
(3]

0.45
- W
0.35

0 0.5 1 1.5 2 2.5 3 35
Residence time (s)
—4—LCO ~—@—Gasoline -—&—LPG Drygas ~—#—Coke

Fig. 5. Results of dynamic model for the Abadan refinery FCC unit.
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plant data.
4. Operating Conditions Effect Analysis

Turbulence in operating conditions is an integral part of refinery
units that impede unit performance and product yield. Therefore,

it is necessary to identify and resolve negative effects by examin-
ing their influence on the unit performance. In this section, the
effects of gradual and sudden changes in operating conditions on
gasoline and LCO yields (as main products of the unit) and riser
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outlet temperature were investigated.
4-1. Gradual Changes in Feed Preheat Temperature

Fig. 7(a) displays the effect of increasing the feed preheat tem-
perature on the yield of gasoline. Since the cracking reactions are
endothermic, they will be further increased with higher tempera-
ture. By increasing the feed preheat temperature and the time pass-
ing, the gasoline mass fraction increased to about 0.43, in which,
in higher temperature, a steeper slope is observed due to the in-
creasing rate of cracking reactions. Fig. 7(b) also shows the effect
of increasing feed preheat temperature on the yield of LCO. Some
reactions were performed more quickly with regard to the kinetic
constants and, following this, some products, such as gasoline, will
be produced more quickly, which will increase the amount of other
products to a lesser extent and, after a while, the slope is reduced.
Regarding the kinetic network shown in Fig. 3, it can be seen that
LCO is the only product whose consumable reactions are more
than its production reactions. As a result, by increasing tempera-
ture, which is accompanied by an increase in the speed of the
reaction, its consumption rate will eventually increase with a slight
slope.

As shown in Fig. 7(c), the riser output temperature increases by
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increasing feed preheat temperature and also decreases over time.
The reason for the decrease in temperature over time is that, by
increasing the feed preheat temperature, the cracking reactions,
which are endothermic reactions, have occurred to a greater extent,
and this is why more heat is taken from the system, which over
time reduces the output temperature of the riser.
4-2. Sudden Changes in Operating Conditions

Fig. 8(a) shows that a sudden drop in the feed preheat tempera-
ture of 30 K causes the gasoline yield to decrease by about 2% due
to the endothermic reactions occurring in the riser. Therefore, when
the feed preheat temperature decreases, the reactions occur at a
slower rate, thereby reducing the amount of gasoline produced. It
was observed that the negative effect of this change was neutral-
ized by a 4% increase in the regenerated catalyst flow rate and a
6% decrease in the feed flow rate, which caused the gasoline yield
to return to its previous level (0.443). As it is known, refinery units
operate in a certain operating conditions range, and any changes
must be around the same range. To compensate for the negative
effect of sudden variation, improved operating conditions were
determined using trial and error in the permitted operating range.
To apply these changes, the dynamic model was run over a speci-
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Fig. 8. The effect of different parameters change on gasoline yield and its neutralization: (a) Feed preheat temperature, (b) Feed flow rate, (c)

Regenerated catalyst flow rate.

fied time interval divided into 30 steps; each step was equivalent to
the reactor residence time. Afterward, at each step, the feed flow
rate was reduced by 0.6 kg/s, and 1.76 kg/s was added to the regen-
erated catalyst flow rate. Applying these changes for 30.68 s brought
the gasoline yield back to the previous value. These values were
obtained by the model for the target unit and might be different in
the other FCC units due to the control system and instrumenta-
tion equipment used, which vary according to different operating
conditions.

As shown in Fig. 8(b), gasoline yields decreased by 0.27% when
the feed flow rate was suddenly increased by 6.9%. The reason is
that, after increasing the feed flow rate, the same amount of previ-
ous catalyst flow rate is insufficient for instigating the reactions. As
a result, reactions occur less frequently and the yield of gasoline is
reduced. To neutralize the negative effect of this change, a 0.83%
increase in the regenerated catalyst flow rate and a 1.5 K decrease
in feed preheat temperature enabled the gasoline yield to reach its
previous level after 26.11 seconds. To make these changes, the cat-
alyst flow rate was increased by 0.37 kg/s and the feed preheat tem-
perature was reduced by 0.15 K at each time step.

Fig. 8(c) shows that a sudden drop in the regenerated catalyst
flow rate of 1.12% caused the gasoline yield to decrease by 0.5%.

Furthermore, a reduction in the regenerated catalyst flow rate with
no change in the feed flow rate led to an insufficient catalyst level
for converting feed into products. In this case, the reaction occur-
ring in the riser is slower and, as a result, less gasoline is produced. It
was observed that a 5.5% decrease in the feed flow rate and a 5K
increase in the feed preheat temperature enabled the gasoline yield
to return to its previous level after 29.47 seconds. To make these
changes, the feed flow was reduced by 0.38 kg/s and the feed pre-
heat temperature was increased by 0.5 K at each time step.

As a result, the effect of feed preheat temperature sudden change
on the gasoline yield was by far greater than the effects of feed and
catalyst flow rates sudden change, so that the amount of gasoline
yield reduction because of sudden temperature drop was 4 and 7
times higher than that of feed and catalyst flow rate, respectively.
At a first glance, this change in the yield of produced gasoline may
not seem significant. However, these seemingly minor changes, if
not resolved, would cause losses of approximately $1.5 to $12 mil-
lion per year.

5. Optimization

In this section, the optimization results aimed at increasing the
gasoline yield, reduce energy consumption and improve the RON
are presented. Parameters involved in optimization include feed,
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Table 9. Optimal values for each of the optimization parameters
Feed Catalyst flow rate Inlet temperature RON Profitability
- Parameter (kg/s) (kg/s) (K) (Million$/yr)
ate
Actual  Optimal Actual  Optimal Actual  Optimal Actual  Optimal Optimal
First state 72.174 71.117 466.7 462.7 492.98 488.53 92.3 92.3 3.8
Second state 72.174 72.922 466.7 465.63 492.98 487.41 92.3 92.4 2.6
Third state 72.174 73.644 466.7 471.99 492.98 485.78 92.3 92.9 25

catalyst flow rate and feed internal temperature. The optimization
was performed with three approaches: unrestricted to octane num-
ber, maintaining the average octane number and improving the
octane number. Fig. 9 exhibits the optimization results presented
in three cases: the amount of feed cost (Fig. 9(a)), energy-saving
(Fig. 9(b)), unit profitability (Fig. 9(c)) and octane number (Fig.
9(d)) for each case.

In the first case, with the objective of increasing the gasoline
yield while remaining unrestricted to octane number, the reduction
of feed, catalyst flow rate and inlet temperature caused an increase
in the yield of the gasoline by 0.67% and the octane number reached
92.3, which is equal to the unit average. The results implied a
nearly $9 million reduction in feed costs per year, a 12,500 Gj reduc-
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tion in energy consumption and, subsequently, a profit of $3.8 mil-
lion per year, which is about 44% higher than the unit average.

In case two, aimed at increasing the gasoline yield and main-
taining the average octane number, the increased feed, the reduc-
tion of catalyst and the inlet temperature caused a rise in the yield
of the gasoline by 0.45% and the octane number was maintained
at 92.4. The results showed an increase in feed costs by about $5.5
million per year, a reduction of 16,000 Gj in energy consumption
and, lastly; a profit of $2.6 million per year, which is about 30.6%
higher than the unit average.

Finally, in the third case, considering the increasing in the gaso-
line yield and improving the octane number, increased feed, cata-
lyst, and reduced inlet temperature caused an increase of the yield
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of the gasoline by 0.45% and the octane number reached 92.9,
which is greater than the unit average and the maximum possible.
The results show that, in this case, feed costs would increase by
about $11 million per year, as well as a 21,000 Gj reduction in
energy consumption and, finally, a profit of $2.5 million per year,
which is about 28.8% higher than the unit average. Table 9 also
shows the optimal values for each of the optimization parameters
in summary.

The profitability resulted from just increasing the gasoline yield
and change of the feed and catalyst flow rates of the unit has been
calculated for each three optimization cases, using the data received
from the Abadan refinery FCC unit and also the price of FOB
Persian Gulf gasoline.

CONCLUSION

The fluidized catalytic cracking unit of the Abadan Refinery was
optimized. Kinetic constants were estimated and the effects of changes
in feed preheat temperature on the unit main products were inves-
tigated. The results are in good agreement with the industrial data.
According to which, in addition to increasing gasoline yield and
improving the octane number, reductions in catalyst flow rate in
the range of one to four kg/s and an energy consumption in the
range of 12.5-21 Gj/yr were achieved. By gradually increasing the
feed preheat temperature, the gasoline mass fraction was increased
to about 044 and the yield of LCO was increased to about 0.17.
The results also reveal that the most effective parameter on gaso-
line yield is the regenerated catalyst flow rate.

Based on the optimization results, feed costs would be reduced
by about $9 million per year, increased by about $5.5 million per
year and increased by about $11 million annually in the first, sec-
ond and third cases, respectively. The reductions in energy con-
sumption would be about 12,500, 16,000 and 21,000 Gj for the
first, second and third cases, respectively. The first, second and
third cases are associated with the profits of $3.8 million, $2.6 mil-
lion and $2.5 million per year, respectively. These profits represent
increases of about 44%, 30.6% and 28.8% when compared with
the average for the first, second and third cases, respectively.

Generally, the first and the third cases are better than the sec-
ond one. The first case has the highest profitability and the high-
est gasoline yield; on the other hand, the third case has the highest
octane number and the greatest energy reduction.

Future research will be carried out through multivariate optimi-
zation approach to consider all variables interactions, obtaining the
most efficient operational conditions of the unit such as studies car-
ried out based on multivariate method [49,50].

ACKNOWLEDGEMENT

The financial support provided by the Research and Develop-
ment of Abadan refinery complex is greatly appreciated.

NOMENCLATURE

A :cross-sectional area [m]
A;  :pre-exponential factor of the reaction lump i—>lump j [m’/

(skg)ors™']

C,  :molar concentration of lump i [mol/m’]

C,  :mass concentration of lump i [kg/m’]

Cp  :specific heat capacity [j/kg K]

D  :diameter [m]

: activation energy of the reaction lump i lump j [J/mol]

E. :energy parameter of the carbon combustion reaction [J/mol]

: activation energy of the gas-solid reaction [J/mol]

: activation energy of the gas reaction [J/mol]

F : mass flow rate [kg/s]

FG :flue gas

G,  :solid mass flux [kg/m’ s]

GLN :gasoline

g  :gravity acceleration [m/s’]

H  :enthalpy [m/s’]

ke :rate coefficient of the carbon combustion reaction

k¢ :kinetic rate constant of the gas reaction j [mol s~ m™]

K :Kkinetic rate constant of the gas-solid reaction j [mol s ' kg ™'
cat]

L - height [m]

LCO :light cycle oil

LPG :liquefied petroleum gas

Mw  :molecular weight [kg/mol]

MRE : mean relative error

N  :molar flow rate [mol/s]

: order of the reaction lump i—lump j

P : pressure [Pa]

Qus :heat loss [J/s]

. Global reaction heat at standard conditions [J/s]
R :Universal gas constant [J/mol K]
rc  :intrinsic carbon combustion rate [mol (kg catalyst) ' s']

r;  :rate of reaction lump i—>lump j [kg/m’ s]
I; : rate of formation of i [kg/m’ s]

rf  :rate of gas reaction j [mol/m’ s]

r;  :rate of gas-solid reaction j [mol/kg s]

RMSE : root mean square error
Sp. Gr. : specific gravity

T : temperature [K]
t :time [s]
u  :superficial velocity [m/s]
U :overall heat transfer coefficient [J/m’ s K]
V  :volume [m’]
W :inventory [kg]
X,  :mass fraction of i
% :catalytic coke content of catalyst [kg coke/kg catalyst]
y;  :molar fraction of i
Y, :component i (in coke) content of catalyst
z : axial coordinate[m]
AH  :heat of reaction [J/kg]
AH,, :heat of cracking per unit mass of VGO []J/kg]
o,  :deactivation constant [kg catalyst/kg catalytic coke]
o :intrinsic CO,/CO molar ratio in coke [dimensionless]
£ : volume fraction [dimensionless]
@  :catalyst deactivation function [dimensionless]
o :density [kg/m’]
§;  :stoichiometric coefficient of lump i in gas-solid reaction j
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[dimensionless]
9 :stoichiometric coefficient of lump i in gas reaction j [dimen-
sionless]
Subscripts
a rair
¢  :catalyst
ck  :coke
FB  :freeboard section
g  :gas
LF  :lift section
m  :mean

ov  :feed vapor

rc  :recirculated catalyst

RG  :regenerator section

rs  :riser

surr :surrounding

tf :total feed

VGO :vacuum gas oil

1 : refers to the lift and the combustor section
2 :refers to the dense bed and freeboard
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APPENDIX

The reaction rate of each lump in the riser is calculated by Eq.
(33):

ri:eri_Zrij (33)
j j

where r; and 1; are, respectively, the rate of reaction of lump j toward
lump i and the rate of reaction of lump i toward lump j.

The multiplication of mean density and mean specific het capac-
ity is calculated from Eq. (34):

mepm = ggngPs +¢g.,0.C

. (34)

Gas and catalyst volume fractions in the riser are calculated from
Eq. (35) to Eq. (39):

F./p
_ 1] ov.
g =it 35)
& (F[f/pav+ Frc/pc)
g=l-¢ (36)
I.= (Vdry+Vwet)YC (37)
Edry
dr) .
% dry:kcf'exp(— R—frl)POOfs (38)
e Ewe P P0.84
Vwet = kClteXp(_ RC'II“> e wel, (39)

0.84 1 wet Jor
Po, +key exp(— ﬁ)PHZO

The subscripts “dry” and “wet” represent the partial contributions
due to dry and wet conditions during coke combustion.
Pressure balance calculated from Eq. (40):

oP
a_ZLF == (&Pt ELrPor)8 (40)

Volume fractions of gases and the catalyst are calculated by Eq.

(41) and Eq. (42) [24]:

£l 2.06G exp(0.251u,) i
Pe
&=1-¢, (42)
Gas superficial velocity and the catalyst mass flux are calculated
from Eq. (43) and Eq. (44):

F
A, (43)
PALF
G= s (@)
< App

The volume of the dense bed is calculated from Eq. (45):
Vied=LrgArc (45)

Volume fractions of gases and the catalysts are calculated from Eq.
(46) and Eq. (47):

Upetl

_dgrG T2

ErG= 46
O U +2 (46)
Erc=1- & 47)

The superficial velocity in dense bed phase is calculated from Eq.
(48) and Eq. (49):

F
e (48)
u
816 PercArc
H=C, (T~ T, (49)

Weight fraction of the coke in the lift section is calculated by Eq.
(50) to Eq. (52):

Yora=Yc ret Ya, rG (50)

Q[r): Vbed<ggRGZI;gAng+ ECRGpczr;AH;) (51)
j j

Qioss= D rcLrgUr(Tsurr— Tre) (52)

Korean J. Chem. Eng.(Vol. 39, No. 7)



